LIQUID PHASE METHANATION/SHIFT, MARSHALL E. FRANK, Chem Systems Inc., 747 Third Ave.
New York, N.Y. 10017 - David B. Blum, Chem Systems Inc.-Research Center, 275 Hudson

Street, Hackensack N.J.

Chem Systems' Liquid Phase Methanation/Shift (LPM/S) process economically converts high
concentration CO synthesis gas to high Btu Gas. A _development program with ERDA/AGA
sponsorsh1ﬁ has been under way since 1973. Recently the process concept has been ex-
tended to handle synthesis_gas feeds wherein the hydrogen to carbon monoxide molar ratio
is less than 3/1. "In the 1iguid phase system, the methanation reaction and the water-
as shift reaction proceed simultaneously. The hydrogen produced by the shift reaction
is utilized immediately for the methanation reaction. MWith s¥nthesis gas feeds contain-
1n% 1e%s th?? a 2/1hhygrogenfto carbon monoxidedrgtio, g small amount of gddiﬁional
water (ysua in t m o0 eam) mugt be ed to_the system rovide the neces-
sary hygrogenyfor buTk 85 convggs?o%. ?he ef??uent gas ?ro% the ?qBid phase reactor is
sent to a small, fixed bed, polishing reactor for complete conversion of the carbon
monoxide. This paper descriges recent experimental work in a bench scale unit and in a
larger process development unit (PDU). Results have been correllated using an empiri-
cally derived kinetic model. The effect of water addition rate on carbon monoxide con-
version and effluent gas comgosition has been determined for synthesis gas feeds with
Hp/CO ratios ranging from 1/1 to 2/1. Life tests have been performed on catalysts under
various polishing réactor conditions. Based on the bench scale and PDU results, the
economics of the liquid phase methanation/shift process as it would be applied in a
commercial size coal gasification plant have been determined.




Pilot Plant Operation of a Nonadiabatic Methanation Reactor
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Pittsburgh, PA 15213

INTRODUCTION

The development of efficient catalytic methanation reactors is essential to the
commercialization of plants for converting coal to substitute natural gas. One
of the most lmportant problems facing researchers in this area is that of effective
removal of the heat of reaction from the catalyst bed. The Energy Research and
Development Administration, Pittsburgh Energy Research Center, is conducting
bench-scale and pilot-plant scale studies of a variety of types of catalytic
methanation reactors. Some of the earlier investigations (1, 2) included fixed-
bed and fluidized-bed experiments using an assortment of supported catalysts and
promoters. Later studies (3, 4, 5, 6) concentrated on Raney nickel catalyst
thermally deposited onto stainless steel substrates and operated in reactors of
varying geometrical configurations and differing modes of operation.

Two distinctly different types of methanation reactors utilizing thermally sprayed
Raney nickel catalyst had heretofore been investigated; one, an isothermal reactor
in which the Raney nickel was thermally sprayed onto elther the internal or
external surface of a tube with the heat of reaction being removed by circulating
Dowtherm, the other, an adlabatic reactor with the catalyst bed consisting of
parallel plate grid assemblies. The plates were constructed of stainless steel

and coated on both sides with Raney nickel. The catalyst temperature in the
adiabatic reactor is controlled by diluting the reactants in the feed stream to
the reactor with recycled product gas. There are advantages and disadvantages to
both reactor schemes and the present work is an effort to encorporate desirable
features of each methanation scheme into a more efficient reactor system.

The hybrid reactor, as we have christened it, employs a Dowtherm jacket to remove
an appreciable amount of the heat of reaction, while at the same time, some
product gas is recycled through the reactor to control the reaction rate. The
catalyst bed is in the form of an x~shaped stainless steel insert, thermally

sprayed with Raney nickel. This insert may be easily replaced when the catalyst
becomes deactivated.

REACTOR DESCRIPTION

The hybrid reactor experiments, HYB~17, 18, 19 and 20, were performed in a pilot
plant scale reactor constructed of type 304 stainless steel 2 inch schedule 40

pipe. Surrounding the two inch reactor tube was a four inch diameter pipe jacket
containing boiling Dowtherm in the annular space to remove a portlon of the heat

of reaction, The Dowtherm cooling system 1s depicted in figure 1. The temperature
of the coolant is regulated by controlling the pressure in the cooling system.
Nucleate boiling is assumed to take place on the outer surface of the reactor

tube thereby providing a natural convective circulation of the Dowtherm. Dowtherm
vapor is condensed via cooling water and returned to the reservoir.

The catalyst bed consisted of an x-shaped insert coated with Raney nickel catalyst.
The cross member insert was two stainless steel 1 x 1 x 1/8 inch angles welded
together, 14 ft long. The catalytic surface of the insert was prepared by sand-
blasting the stainless steel surface with an iron-free grit and then depositing a
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Figure 1. - Hybrid methanation reactor with Dowtherm cooling system.



light coat of bonding material consisting of 807% Ni and 20% Al to a thickness of
about .007 inches. Subsequent to the bond coat, Raney nickel alloy powder (80-

200 mesh) was thermally deposited onto the bond surface until the desired thickness
was achieved (.023 inches). Two different methods were employed for the thermal
deposition of Raney nickel onto the substrate. In runs 17 and 18 the catalyst

was flame sprayed onto the surface with an oxy-hydrogen flame. A plasma arc with
nitrogen as the carrier gas was used to deposit the catalyst for runs 19 and 20.
Prior bench-scale studies indicated that plasma sprayed catalyst exhibited longer
stability, hence, the method of catalyst deposition was one of the more important
parameters studied in this sequence of runs.

The catalyst insert was placed in the reactor and then activated by passing a 2

wt. percent solution of NaOH through the reactor until approximately 70 percent

of the aluminum in the Raney alloy was reacted. The extent of reaction was determined
by measuring the quantity of hydrogen which evolves according to 3 moles of H

for every 2 moles of Al reacted. After activation, the catalyst was washed with
distilled water until the pH of the effluent water was within one or two tenths

that of the distilled water. The reactor was maintalned under hydrogen until the
temperature and pressure of the system was brought to synthesis conditions.

Synthesis feed gas was then introduced gradually to the system to initiate the

run. .

Figure 2 illustrates a simplified flowsheet of the hybrid methanation pilot
plant. Synthesls gas consisting of approximately 3 parts hydrogen and one part
carbon monoxide is blended with recycled product gas. Product water vapor is
condensed from the recycle stream before the recycle is mixed with the fresh feed
gas. The ratio of recycled gas to fresh gas was from 5 to 8, depending upon the
exposure velocity, for a fresh catalyst bed. The recycle ratio required to
maintain some preselected maximum catalyst temperature then tended to increase as
the catalyst activity declined with age. The mixed gas stream was preheated to
the desired temperature before being introduced to the reactor. This temperature
was generally the same temperature as that of the Dowtherm coolant.

A second stage clean-up methanator, not shown in figure 2, was used only during

the latter perlods of the runs when conversion in the primary reactor was declining.
The clean-up reactor, an adiabatic reactor charged with a supported commercial
nickel catalyst, was utilized to upgrade the quality of the product gas from the
primary reactor.

OPERATING PROCEDURES AND RESULTS

The system pressure for all four hybrid reactor runs was 300 psig. The Dowtherm
temperature in the cooling jacket as well as the inlet ghs temperature was maintained
at 300° C throughout all of the runs except for the last few hundred hours of Run

20, when these temperatures were raised to 325° C. Similarly, the maximum catalyst
temperature was held at 400° C by adjusting the rate of recycled product gas.

The maximum catalyst temperature was allowed to increase to 425° C during the

latter portion of Run 20. R

Catalyst temperature and gas temperature were measured at 3 inch intervals throughout
the reactor on a daily basis. This was accomplished through the use of movable
thermocouples in thermowells positioned as shown in figure 3. The thermocouple
measuring the gas stream temperature was positioned in the geometrical center of

one of the quandrants defined by the x-shaped insert and held in place by ceramic
spacers. The thermowell designed to measure the catalyst temperature was first
fastened into the "vee" formed by two fins. The bond and catalyst coatings were

then sprayed over the thermowell at the same time that the fins were coated. A
configuration of this type, with the catalyst essentially surrounding the thermowell,
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should yield an excellent measurement of maximum temperature that the catalyst
experiences. The gas stream composition was also measured as a function of distan:ze
through the catalyst bed. Gas samples were taken every one-eighth of the reactor
length with a movable probe which was guided by a slit tube. The gas composition
profile was measured only when operating conditions were changed rather than on a
daily basis.

Run HYB-17: Seven two ft, inserts coated with flame sprayed Raney nickel were
used 1n Run HYB-17. The reactor was operated at exposure velocities of 20, 30,
and 40 scfh/ft”. Exposure velocity 1is calculated as the ratio of scfh of synthesis
gas (3 parts H, to 1 part CO) tg the superficial catalyst surface area. an
exposure velocity of 30 scfh/ft° corresponds to a space velocity of 806 hr .
Once again, the space velocity is based on a 25 percent CO fresh feed gas flow
rate. This first hybrid reactor experiment lasted only 671 hours. The run was
terminated when CO conversion decreased to 96.6 and the concentration of CO in
the product gas reached 3 percent. Overall performance of this catalyst bed was
not outstanding with a production of only 15.0 mscf of CH, per pound of catalyst
(before leaching). Operating parameters and product gas characteristics are
presented in figure 4. Catalyst bed data for Run HYB-17 as well as the three
successive runs are listed in Table 1.

Table 1. - Catalyst Bed Data

1nyp-17 HYB-18 HYB-19 Hyp-20 HYB-21
Catalyst Type Flame-Sprayed Raney Plasma Sprayed Rane?' Cast Xaney
Wt Pet Nickel a28! 428/ a2/ ey a2/
Pct Activated 71.63/ 70.6£I 70"'2/ 70'09'/ 100'05/
Reactor Diameter X Length, in. 2 x 168 2 x 168 2 x 168 2 x 168 2x 170
Reactor Volume, ft] 0.326 0.326 0.326 0,326 0.333
Weight of Unactivated Catalyst, 1b 2.78 2.24 2.43 1.70 10.63
Superficial Area of Catalyst, ftz 8.75 8.75 7.58 8.46 11.20
Fin Thickness, in. 0.124 0.122 0.125 0.129 0.130
Avg. Bond Coat Thickness, ln.. 0.008 0.007 0.007 0.006 _
Avg. Catalyst Thickness, in. 0.03 0.023 0.023 0.013 0.050

-.-/before leaching

k/chenretlcnl {based on Hz- evolution)

¢/1002 cheorettcal leaching of 0.05 inches

Run HYB-18: Flame sprayed Raney nickel was again used in Run HYB-18. Operating
conditions were comparable to those of HYB-17 wiih the except%on that the catalysc
was exposed to a higher space velocity (1344 hr ~, 50 scfh/ft”) during a large
portion of the run. This experiment lasted almost 3 times longer than the previous
run. The run was voluntarily terminated after 2073 hours on stream when the CO
conversion reached 95.6 percent and the CO concentration in the product gas was
nearly 4 percent. It should be noted in figure 5 that decreasing the Dowtherm
temperature from 300° C to 275° C at about 1950 hours on stream was responsible

for a large decrease in conversion. CO conversion just prior to this time was

6
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still rather acceptable at 98 percent. Due to greater catalyst stability, methane
production was much higher for Run HYB-18 with a total of 75.2 mscf per pound of
catalyst, Data pertinent to Run HYB-18 are illustrated in figure 5.

Typical stream flowrates and compositions are listed in table 2 for experiment
HYB-18. These are data averaged over a 24 hour period and representative of the
operating conditigns during each of the exposure velocities investigated (20, 30,
40 and 50 scfh/ft”). The last period represents the reactor operation with a
Dowtherm temperature of 275° C. It should be noted that, at this temperature, CO
conversion decreased significantly, and as a direct result, the heating value of
the product gas decreased to 898.1 Btu/scf.

Run HYB-19: Recent experiments performed on bench-scale methanation reactors
using plasma sprayed Raney nickel catalyst indicated that catalyst coatings
prepared in this manner demonstrated a longer life. In an effort to test these
findings in a larger scale reactor, an x-shaped substrate, identical to that used
in runs HYB-17 and HYB-18 was plasma sprayed with catalyst and operated under
conditions similar to those used in the previous two runs. Deactivation of the
catalyst was rather rapid, with the experiment lasting only 1100 hours. Final CO
conversion declined to 97.3 percent with 2.35 percent CO in the product gas.
Methane production for this run was 36.6 mscf per pound of catalyst. Operating
conditions for this run are shown in figure 6. One plausible explanation for the
relatively poor performance of the catalyst in this experiment might lie in the
leaching procedure. The activation time required for 707 aluminum leaching was
much shorter, 4.6 hours compared to 18 hours in Run HYB-18. It was discovered
that the NaOH solution was inadequately mixed resulting in an initial caustic
concentration higher than the usual 2 percent.

Run HYB-20: This experiment was, essentially, a duplication of Run HYB-19.
Operating parameters and product gas characteristics are given in figure 7.

Methane production for this plasma sprayed catalyst was significantly better

than HYB-19 with a total of 75 mscf per pound of catalyst. Final CO conversion
stood at 97 percent with 2.55 percent CO in the product gas. The reactor was on
stream for a total of 2081 hours. As indicated in figure 7, the Dowtherm temperature

‘was increased to 325° C during the last portion of this run. Correspondingly,

the maximum .catalyst temperature was allowed to increase to 425° C. The increase
in catalyst temperature was accompanied by a decrease in the quantity of recycled
product gas required. Contrary to what might be expected, however, an increase

in catalyst temperature did not significantly improve CO conversion. The conversion
remained about the same, at 97.7 percent.

HYB-21: A fifth hybrid test has just been initiated. Preliminary results of
this run are given in figure 8. The catalyst bed in this run differs from the
previous four in that cast Raney nickel inserts were used rather than a thermally
spray coated stainless steel insert. The castings were made of 42-58 percent Ni-
Al alloy; each being six inches long and having 8 fins. The castings were formed
with a hole along the axis to accomodate a thermocouple well to measure catalyst
temperature. The catalyst surface was activated to a depth of .05 inches and
operated under conditions similar to those for Run HYB-20. The data shown in
figure 8 for the first 384 hours on stream indicate greater initial CO conversion
and no detectable catalyst deactivation.

At the termination of each runm, samples of spent Raney nickel catalyst were
removed from the catalyst insert and subjected to wet chemical analysis, x-ray
diffraction, BET surface and pore size distribution analysis. Two catalysts, one
flame sprayed Raney nickel and one plasma sprayed Raney nickel, were measured for
nickel surface area, Table 3 summarizes the results from chemical analysis and
x-ray diffraction of the samples taken from the four runs. An appreciable carbon



Table 2. — Experiment HYB-18, Selected Test Data

Time on Stream........ ceeeen hr 335
Temperatures
Dowtherm..oeeseueenses e C 300
Gas Inlet..... Cetieenieaas °c 300.
Maximum CatalySt....eee... °c 400.
PresSsure,..vieesesercccsanss psig 300.
Feed Gas
Rate....oivevenenn raesenns scfh 175.
A vol pet. 75.5
Ca ........................ " 23.8
CO enviinvinceasasseerenns " .3
N " .2
O e " .2
WL PR
EXposure Velocity....... scfh{ft 20.
Space VeloCcityeuveeronsonn hr 673.

Mixed Feed Gas

Rate....oiveveneronannnns scfh 1112.2
Hyoveenon Ceenecereenenenn vol pct 17.9
O, " 3.9
COZ.-... ................. " 0.2
N, Ceeeiennenn ceesessstenn " 0.7
Cﬁ ...................... " 77.2
R RRONNOS .o
Inlet Velocity.euvevesweo. ft/sec 1.4
Inlet Reynold's No....... " 2 3357.
Exposure Velocity...... scfhéit 127.1
Space VeloCity..veveansan hr 4278.
Volume Recycle/Volume Fresh Gas 5.4

Product Gas

Rate.....vvvenennnnnas . scfh 40.9
Hy oo ovionnanasarnsases vol pct 6.8
Ca ..................... " .2
COpvenrnnnnnanns . . " .1
N : s
Cﬁﬂ .................... " 87.9
n
H2 .................... 4.2
Conversion
COvvnnnnninnnns eseans pct 99.7
H2 ........... tessesenee pct 97.7
Heating Value.....ioveuee Btu/scf 953.7
Carbon Recovery.......... pct 91.6
Hydrogen Recovery........ pct 92,2
Oxygen Recovery.....ess.s pect 98.9
10

527 695
300. 300.
300. 300.
400. 400.
300. 300.
269.5 354.1
76.1 74.6
3.0 23.6
.3 .1
W4 1.5
.2 .2
.0 .0
30.8 40.5
1036.5 1361.9
1912.4 2748.4
16.0 16.1
3.7 3.7
.2 .2
.8 .7
79.2  79.2
.1 .1
2.5 3.6

5885. 8465.
218.6 314,
7355. 10571.

6.1 6.8
64.4 88.4
6.0 7.2
.5 &7
.2 .2
.9 .6
89.2 87.9
3.2 3.4
99.5 99.2
98.0 97.4
955.6 948.4
98.3 98.8
89.1 97.2
89.1 103.3

1640

300.
300.
400.

300.

935.1
93.5
90.0
99.1

2000

275.
276.
401,

300.

898.1
95.6
90.7

100.4

\



"6T-9XH uny
103 SDFISTIL3IDEARYD sB3 JOonpoad pus SUOTIFPUOD 103VEIY ~ -9 2aInBrg

fanoy * Wy w
WY3YLS NO 3INWIL $inoy *WY3INLIS NO 3INIL

000! 0os o 000l 005 0
2 ] {.
. o Eh
[ sl 2% 8
ﬁ. , paanposd auDYiaW 0z &2 | s
4 52 m 3 oNos
e O a|2k%01 plon 1 Ol
I { 0¢ = 2
- e =5 } i
o
- = - 15yl = Wby pag .
N:\’:umOnnfom 6L€ 10
4 006 I . Ky190j0A @ansodxy G2
| 1 o6 m eol s
! gz 419s 6L€ 10 hoojan oot
1 628 3 @ as0ds pasy ysaig cze
% B
anjoa buyoay sod (anpoid oeé W Bisd 00¢ < dimssaig
ove = 1 0S¢
0sé i 6i¢
.. 096 2101 pad) sob ysasy
=0
< Z W D e S A P e P R | 00¢
s | 2 W @ aunjpsadway sob jajuy ~
Fl
sob janposd ° g z
o & W Vv 1 os¢
U} BPIXOUOW U0GIDD e 3e
2 S
o O <
[4 3 p X
K4 2 ———ttsvane, et ooV
) 04nD13dWa; SA[0)DY WNWIXDY
] 61-8AH "dx3 61-9AH dx3

paaj ysay
swn)oA Jad pajood aWNIOA
‘olivy 3T1DA334 G102

TE

* 3ivy 4334 SY9 HS3IYJ
11

¢ 3YNLVHILNIL

Do



‘0Z~4AH uny
103 SOTISTI930BARPYD sE8 39npoad pue BUOTITPUCD 10IDBAY - */ SInITg

$J00Y ‘Wy3HLS NO 3IWIL $4n0y ‘WY3INHLS NO 3WIL
0002 000! 0 0002 000t i ]
o z - . . x s -
3 m °
E 2
1 o2 % »
>z m
om g}
P
a 0140J 3194231 plo) o
, or 23 {oi P
panposd "o 5 m ] »
g @ 4 2
o =
: } 15}
= - - -{si
; 10%31u K3upy Kouds owsold 2
026 1 Uvlewbioupeg | {00z @
o T BARSOP:4)25 6EC K1190(aA ainsodxy
€ » z -4 0% 0l 062 w 2
~d = 4)9S 6EC 1D £412019A a0 ~
ove 3 Z 1 pad) ysauy ] ~
anjoa buioay sob janposg < 615d QO : aunssaug 00¢ o
0% P J 2
.m_ aj01 paa; s0b ysasy JOSE ]
-- - -~ -1
P o} 00t
b
I §% 3 | sainjosadway sob 4oy ~
-9 ® m
E=30 -
i8% ose 3
- o
2 ® m W $84n}0+13dwWa; 4SA|0IDD wnwxDW m.
506 191p0osd uj BPIXOUOW ¥0GI0D) m o R _ oov m
02-8AH dx3 YA 02-8AH &3 8
* osey




sinoy * Wy3yLS NO IWIL

0ob 00¢ 00¢ 00! 0

q T T
- 1
L pasnpoud Yo dz
L —<
L -1026
- —0ov6
L ~096
~ aa1oA Buyoay sob Szuoilomm
T ]
ﬁ sob janpoid ul apIxouow u0Qq.D) 10
- -10't

, l2-gAH dx3 |

juadssd awnfoa
‘SVO LONA0¥d Ni

1SAjDIDD Gl / Josw

Jas/niq
JAIXONOW NOSYYD ‘JATVA ONILYIH 'G30NQ0dd INVHLIW

*TZ-9XH uny :

03 SOF3ISTIa3IoEIELYD 683 I0npoid pur UOFITPUOD 030®IY — *§ SInTTg

sInoy ‘ Wy3¥Ls NO JWIL

o
(@)
<

OOm OON oo_
T T T

oi4os a|2ksas plod

i 340 pa3} sob ysaig

W/UWRS Op=Uis 8y I0
- A}150}9A 84nS00%3
AU BGEI=WIsS 8 ID
- £419018A 29005 P23} YSaid ]
L Bisd QO¢ = aunssald |

sainypiadway sob REI|

s2Jn|psadwd} §SAIDIDD WNWIXDN

R VR A |

(@]
(@]
o

(@
O
M

o
(@]
<

00¢

06¢e

00t

| __ 12 8AH &3

ollvy
370A23Y4 Q110D

yjos'31vy

Do' 3YNIVYHILWIL (334 SVO HS3Hd

13



Table 3.. - Analyeis of Spent Catalysts

Ni Al c 8 Fe Na Species
HYB-17
Inlet 68.1 3.6 4.68 - 0.27 0.08 NL.C
Center 74.6 8.8 1.1 - 0.24 0.08 88, Bt
Outlet 72.3 9.0 0.20 - 0.25 0.08 ut
/YB-18
Tnlet 64,1  10.4 2.0 0.3 0.5 4.5 Bi,C
Center 68.0  11.7 0.7 0.2 0.4 4.9 3
Outlet 69.0  11.6 0.5 0.3 0.7 6.5 M
BY8-19
Inlet 75.7 8.6 3.0 0.2 0.5 0.08 K1, NL,C
Center 77.1 7.3 1.6 0.3 0.5 0.03 NL
Outlet 75.7 6.6 1.1 0.2 0.4 0.03 i
HYB-20
Inlec 76.5 8.8 3.4 0.1 0.3 <0.01 NLC
Center 80.3 8.3 1.0 0.4 0.4 <0.01 Ni
Outlet 79.4 8.4 0.3 2.2 0.4 <0.01 i

profile along with nickel carbide 1s found in every case. Other contaminants
such as §, Fe, and Na are not present in amounts significantly greater than those
found in unactivated catalyst except for high sodium concentrations on Run HYB-18
catalyst. This probably is indicative of insufficient rinsing of the catalyst
subsequent to the activation step. The high sulfur concentration measured at the
exit of HYB-20 1s unexplained. Possibly sampling and/or analysis errors are
involved. Analysis of this sample is being repeated. Iron contamination had been
a problem in experiments prior to the hybrid reactor tests. Iron carbonyl can
form by reaction of CO at high pressure and low temperature (100° - 200° C) with
carbon steel piping. The carbonyl is carried into the hot reactor where it
thermally decomposes according to the reaction:

2Fe (CO)5 + 5C + 2Fe + SCO2
and deposits on the nickel catalyst creating an iron catalyst. At methanation
temperatures, carbon deposition occurs on the iron and further fouls the catalyst.
Iron concentrations as high as 22 percent in the catalyst at the reactor inlet

had been detected in previcus runs. This was accompanied by high carbon content.
Before initiating the hybrid reactor experiments, all carbon steel piping in the
pilot plant was replaced with stainless steel. Examination of the iron concentrations
found on the spent catalyst samples from the hybrid runs in table 3 indicates

that this was successful in alleviating the iron contamination problem. The BET
surface areas, pore volumes and pore radii are shown in table 4. Measured BET
surface area for HYB-17 and HYB-20 appear to be somewhat smaller than those for

the other runs. No other trends in the data were clearly evident. Also shown on
table 4 are the nickel metal surface area measurements as determined by hydrogen
chemisorption. Metal surface area mezsurements were performed on a flame-sprayed
catalyst, Run HYB-18, and a plasma sprayed catalyst, Run HYB-20. In both instances,
metal surface area is lower at the reactor exit than at the inlet while in general,
being lower for HYB-20 than for HYB-18. There is no immediate explanation for

these trends in the data. Nickel metal surface area for freshly activated catalyst
is in the neighborhood of 12 m"/gm. The tentative conclusion regarding the cause

for catalyst deactivation for this series of experiments, in view of the limited
amount of data available, is the formation of nickel carbide and possibly additional
carbon formation on the catalyst surface. It was not possible to distinguish

free carbon from carbidic carbon. 4




Table 4. - Surface Areas Of Spent Catalysts

Surfgce Area Pore, Volume Avg. Pore Radi N
mQ/gm m"/gm 8 A ug lcke;zjxhce Area

HYB-17
Inlet 30.5 076 50

. . .07
Outlet 23.7 <055 46.07
HYB-18
Inlet 53.4 053 45

. . .05 6.0
Outlet 50.2 .060 53.51 4.5
HY3-19
Inlet 44.3 .095 42.8
Outlet 32.8 ot 66.7
HYB-20
lolet n.n 067 40

. . .6 2.5
Outlet 23.73 .078 65.7 <1.0

MATHEMATICAL MODELING

Several recent publications (7, 8, 9, 10, 1l1) have discussed a one-dimensional
mathematical model along with several applications of the model to tube-wall and
parallel-plate, adiabatic (hot-gas-recycle) methanation reactors. Incorporated
in the model was a postulated poisoning mechanism which obeyed an irreversible
Langmuir-Hinschelwood type of rate equation. This one-dimensional model has been
appropriately modified to describe the chemical and physical processes occurring
in the hybrid methanation reactor.

The kinetic rate expression for the conversion of carbon monoxide to methane
according to the reaction

Cco + JHZ -+ CH4 + H2
1s taken to be that proposed by A. L. Lee (12, 13) which provides a reasonable
fit to data reported by IGT. Lee's rate expression, developed from data for
supported commercial nickel catalysts is of the form,

0,

_ - (~E/RT.) » ~ 1/2
rCO Ae Cc CCO C Hz
n l)
1+k,C + k,C
1 H2 2 CH4

Since the catalyst is deposited in a very thin layer, the catalyst thickness is
neglected in the model and is considered to be only an active superficial surface.
The kinetic rate is expressed as the number of moles of CO convertgd per unit

time per unit superficial surface area of catalyst. The symbols, C, signify that
these are concentrations at the surface of the catalyst as opposed to concentrations
in the bulk stream. It should be noted that the concentration of methane at the
catalyst surface 1s assumed to be the same as the bulk methane concentration.

Due to the relatively large quantity of product gas that is recycled through the
catalyst bed, methane is the major constituent in the gas at every point in the
reactor. The assumption is made that negligible error is introduced by ignoring
the methane concentration gradient between the bulk gas and the catalyst surface.
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The construct envisioned for the description of the processes occurring in the
hybrid reactor is the following. The reacting gas, flowing through a conduit in
turbulent flow, is considered to be thoroughly mixed in the radial directionm,
i.e., there are no thermal or concentration gradients across the turbulent core
(see figure 9). The reactants (CO and H,) are transported across the laminar
sublayer, adsorbed, react to form methané and water, and the products diffuse
back into the turbulent core. There will be thermal and concentration gradients
across the laminar film, the magnitudes of which depend upon the extent of diffusion
control. Energy released in the methanation reaction is removed from the catalyst
by convective heat transfer to the cooler bulk gas and thence to the cooling
jacket and by radiation from the catalyst to the cooling jacket. A portion of

the heat of reaction is also removed as sensible heat to the gas.

At steady state conditions there i1s no net change in reactant concentrations at
the catalyst surface, thus, the rate of reaction must equal the rate at which CO
and H2 diffuse to the surface. The mass transfer rates are given by,

—r.. =k, (C ¢

co = K¢ Cgo = Ceo) = Ico 2-a)

-r, = -3r. =K. (C, -C ) =] 2-b)
H2 co C H2 H2 H2

where k. and k! are the film mass transfer coefficients for CO and H, respectively.
The mass transfer coefficients are calculated, for a given Reynold's number, from
the standard j-factor correlation (14, 15).

The following equations are taken to describe the heat transfer in the system.

q = rCO" rate of heat generated by reaction 3-a)

9y = h(Tc - TG) heat flux between catalyst and

turbulent core 3-b)

9, = ke (TC4 - TWA) radiation heat flux between

catalyst and cooling jacket 3=-c)

9y = h' (TC - TW) heat flux by conduction through
direct contact of insert with cooling wall 3-d)

q, = h (TG - Tw) heat flux between turbulent core

and cooling wall 3-e)
= - [
CP“ BTG Sa = qléa qAGa rate change of
da
sensible heat of the gas 3-f)

In addition, we have the equation for the conservation of energy,

=9 *+9, +4qy. 3-g)
In order to calculate the global rate of reaction at any point in the reactor,
equations 1), 2), and 3) must be solved simultaneously. The method of finite
differences is utilized to calculate local bulk concentrations and temperatures

throughout the length of the reactor. The model used to describe catalyst deactivation
in previous experiments has been reported elsewhere (7, 8) and will not be reiterated.

This de;ctivation mechanism was found to inadequately predict deactivation rates
for the hybrid methanation reactor. It is possible that, due to system plumbing
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Pigure 10. - Carbon monoxide mole fraction profiles for Run HyB-21.
Solid lines indicate model predictiona.
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modifications, i.e. the substitution of carbon steel with stainless steel pipes,
catalyst activation procedures, or the intrinsic difference in mode of reactor
operation, the principal agent responsible for catalyst deactivation differs
between the hybrid reactor and reactors previously operated. Nevertheless, the
model 1s capable of satisfactorily predicting initial reactor performance. As an
example, figures 10 and 11 illustrate the fit of the model to experimental composition
and temperature profile data from Run HYB-21. Figure 10 is a plot of CO mole
fraction as a function of distance through the reactor. Gas stream compositions
were measured at 21 inch intervals through the reactor. The data represente
operation at exposure velocities of 10, 20 and 40 scfh/ft” catalyst and wer

taken early in the run before any deactivation of the catalyst was evident. The
points indicate experimentally measured values whereas the solid lines represent
the profiles calculated from the model. Agreement between model and experiment
is seen to be quite good.

Temperature profiles for both catalyst and gas phase are illustrated in Figure

11. The three plots, once again, represent operation at 10, 20 and 40 scfh/ft

catalyst. The open circles are measured catalyst temperature while the A's are
gas phase temperatures. The temperatures predicted by the model (solid lines)

are in good agreement with measured values. At the higher exposure velocities,
the differences between model and measured values are, at most, 10-15° C. The

percentages of the total heat liberated by the reaction which is transferred to
the Dowtheﬁm coolant are 86, 73 and 617% for the exposure velocities 10, 20, and
40 sefh/ft” catalyst, respectively.

SUMMARY

Four experiments were completed using the hybrid methanation reactor. A fifth
experiment utilizing cast Raney nickel inserts has been initiated and preliminary
results are encouraging. Each of the first four runs was terminated voluntarily
with final CO conversions no less than 95-97 pgrcent. The reactor was satisfactorily
operated at an exposure velocity of 50 scfh/ft", comparaﬁle to those attainable
in the tube-wall reactor, yet, as a result of the bed design, the catalyst can be
easily replaced. The recycle ratio in a hot-gas-recycle methanator required to
maintain a 100° C gas temperature difference across the catalyst bed is about
10/1. At comparable exposure velocities, the recycle ratio required to hold the
catalyst temperature below 400° C in the hybrid reactor is as little aq’S/l -
6/1.

Although the hybrid reactor had a higher average productivity of methane per

pound of catalyst than previous TWR and HGR experiments, it is possible that this
is the result of decreasing the amount of iron carbonyl in the system rather than
the nature of the reactor. Data, resulting from the four completed runs, do not
indicate that plasma sprayed Raney nickel catalyst demonstrates a greater life at
the pilot plant scale than flame sprayed Raney nickel. Data from the test using
cast Raney nickel inserts are, of course, incomplete at the present time. Catalyst
stability continues to be of prime concern in the research efforts at Pittsburgh
Energy Research Center.
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NOMENCLATURE
preexponential factor
concentration in bulk gas (1b mol/ftj)

3
concentration at catalyst surface (lb mol./ft~)

C.= specific heat of gas (Btu/lb.mol. - °F)

j=

k=

k =

C
kl
M=

q=

activation energy (Btu/lb mol)

heat of reaction (Btu/lb mol)

heat of transfer coefficient (Btu/hr—ft2 - °F)
mass flux (1b. mol./hr—ftz)

2 4

constant (Btu/hr-ft~ - °R")

,k2= equilibrium constant's

gas molar flowrate (lb.mol./hr)

rate of heat generated (Btu/hr—ftz)

9= heat flux from catalyst to gas (Btu/hr-ftz)

95~

4=

heat flux Ey conduction through direct contact
(Btu/hr-£ft")

q,= heat flux from gas to cooling wall (Btu/hr-ftz)

R=

gas constant (Btu/lb.mol. - °R)

mass transfer coefficient (lb.mol./hr-ftz—concentration difference)

radiation heat flux between catalyst and cooling jacket (Btu/hr—ftz)

of insert with cooling wall

r= rate of reactant conversion (lb.mol./hr-ft2 catalyst)

T=

E=

temperature (°R)

emissivity (dimensionless)

. 2
8a= incremental catalyst surface area (ft°)

Sa

'= incremental cooling wall surface area (ft2)
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A HIGH-TEMPERATURE METHANATION CATALYST FOR SNG APPLICATIONS

COLIN WOODWARD

Imperial Chemical Industries Limited, Agricultural Division, Billingham,
Cleveland, TS23 1LD, England.

INTRODUCTION

The political and economic background to the development of coal-based
Substitute Natural Gas processes will be familiar to readers and, therefore,
need not be detailed herein. The technical problem can be regarded very simply
as having two parts, namely the gasification of coal followed by conversion of
the product gas into SNG. Proven commercial processes, eg Koppers-Totzek,
Lurgi, etc exist for coal gasification and several second generation processes
are in various. stages of development in the United States and elsewheré. The
compositions of gases produced by these processes differ depending upon operat-
ing conditions ie pressure, temperature, steam addition, etc. In general,
however, dry gas compositions are typically in the range:

COs 0 - 30%
co 10 - 60%
Hp 25 - 75%
ciy 0 - 20%

Alternative methods of upgrading such a gas to pipeline quality exist, the major
problem being to combine the degree of, highly exothermic, methanation required
with a low final exit temperature compatible with favourable thermodynamic
equilibrium for methane formation. A process incorporating a high recycle ratio
of product gas back through the methanator has been described (1) as a means of
moderating the temperature rise in the methanator. A more elegant and economic
solution, however, is a straight-through process using a series of methanators
operating at successively lower exit temperatures (2,3). The viability of 'such
a scheme depends upon the availability of a methanation catalyst, or catalysts,
capable of operating under the design conditions for commercially acceptable
periods. The purpose of the work described in this paper was to develop and
demonstrate such a catalyst. This work comprised part of a collaborative agree-
ment between ICI and Krupp-Koppers GmbH to develop processes for the production
of SNG from coal based upon the Koppers-Totzek coal gasification process.

EXPERIMENTAL
Process Design

The basic philosophy during this programme was to take a "™typical' gas composit-
ion, to subject it to the type of methanation process necessary to produce SNG
and to evaluate the performance of various catalysts, commercially preven and
experimental, in the duties involved. The gas composition selected appears in
‘Table 1 (column 1) and will be seen to have Hp + CO = 74% (dry basis). While
not referring specifically to a particular gasification process, this is
representative. of the composition of gas to be methanated. In fact, the virtual
absence of methane from the original gas increases the demand on the methanation
section in comparison with processes in which the incoming gas already contains
a significant proportion of methane.
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Table 1 Gas_Compositions and Temperatures in Methanation Process
Position 1 2 3 4 5 6
Co 31.14 1447 (U Y 4,29 4,29 Ou34
002 24 .66 40.15 40.15 53.93 53.93 62.70
Hy 42.91 35,50 35.50 20.26 20.26 5.83
Cy, 0.08 8.52 8.52 19.84 19.84 29.13
Ny + Ar 1.21 1.36 1.36 1.68 1.68 2.00
100.00 100.00 100.00 100.00 100.00 100.00
H0 67.3 72.3 72.3 ol by 9l b 118.2
Tog 398 729 325 590 300 428

The process design studied is illustrated in Figure 1, the gas composition and
temperature at each stage appearing in Table 1. Incoming gas is mixed with
steam (67.3 vols : 100 vols dry gas) and preheated to approximately 400°C at the
inlet to the first methanator. Operating pressure is 30 atas (425 psig). The
gas leaves.the methanator at an adiabatic equilibrium temperature of approximat-
ely 730°C, is cooled to 325°C by raising high pressure steam in a boiler and
passes to the second methanator. Further methanation occurs and the gas leaves
at the adiabatic equilibrium temperature of 590°C. It is again cooled, by
raising steam, to 300°C and passes to the final "wet!" methanator where it attains
an adiabatic equilibrium temperature of about 430°C. At this stage, the gas

has a methane content (dry basis) of approximately 29% (78% after CO, removal).
Subsequent processing stages would include water removal, final "dry" methanation
and COp removal to produce the final SNG. Design constraints were incorporated
on nickel carbonyl formation in the reactors, which defined the minimum inlet
temperatures possible to the first two methanators, and on the amount of steam
added which was used to control the maximum temperature in the first methanator
below 750°C. Neither the latter, nor the inlet to the third methanator which was
arbitrarily set at 300°C, has been rigorously optimised so some flexibility in
these values exists.

Catalyst Evaluation

Our previous experience in development and use of catalysts for naphtha~ and
methane-steam reforming as well as for methanation processes meant that, at the
outset of this work, we had "on the shelf" a number of catalysts expected to
have activity for the reactions of interest. A laboratory screening test was
therefore set up, operating at atmospheric pressure, by which the initial
activity of these catalysts could be evaluated rapidly under appropriate condit-
ions of temperature and gas composition. This permitted selection of catalysts
for further testing in semi-technical reactors operating under simulated process
conditions. Previous experience suggested that provision of a catalyst suitable
for the third methanator would present no difficulty so attention was concentra-
ted on the preceding two. 1In general, steam reforming catalysts were found to
lose their low temperature activity relatively rapidly while commercial meth-
anation catalysts were unstable at high temperatures (»600°C). However, with
experimental preparations it was soon found that low temperature activity was no
problem. This allowed evaluations to be performed under first methanator
conditions, with the expectation that comparative results would also be valid
under second methanator conditions. Numerous catalyst lifetests, of durations
varying between one and seventy days, were carried out under these conditions.
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In summary, the outcome of the first phase of the catalyst evaluation and
development programme was the production of a new high-nickel, co-precipitated
formulation (NiO approx 60% loss free) which appeared to have the necessary
activity, stability and physical strength £Jr the applications envisaged.

When a preferred catalyst formulation had been selected, its preparation vas
scaled up from the laboratory to a pilot plant located at our catalyst manufact-
uring site in Clitheroe, Lancashire. 'his unit is a reduced~scale simulation

of a commercial production unit and its use is an essential stage in the
development of a procedure for manufacture of a commercial catalyst. Its normal
batch size is 15-20 kg and the catalyst manufactured therein was used for all
subsequent testing. To demonstrate its properties, three semi-technical
reactors were linked in series to permit a long lifetest with the catalyst
operating under the conditions of the three methanators.

In common with other nickel-based catalysts, this formulation is susceptible to
poisoning by sulphur compounds in the process gas stream. 1lhe extent of this

was therefore minimised by incorporation of a vessel of desulphurisation catalyst
(zinc oxide, ICI catalyst %2-4), upstream of the point of steam addition, running
with maximum temperature 250-300°C. By this means, the sulphur level in the
process gas was reduced below 0.1 mg S/Nm3 (dry basis), see below.

The semi-technical reactors used were fabricated from 18/8 Ti stainless steel
tube, nominal 1 inch id, overall length 30 ins. ‘'lhe catalyst bed, 12 ins deep,
was arranged centrally in the reactor which was also fitted with an internal
thermocouple sheath containing six equally-spaced thermocouples positioned
throughout the catalyst bed. ‘'lhe reactors were fitted with two external
electrical heaters, the first to permit attainment of the selected bed inlet
temperature and the second adiabatically controlled to compensate for heat
losses. The whole "assembly was then surrounded by several inches of inert
insulation material. Figure 2 is a simplified illustration of one reactor
assembly. :

For the performance tests, each reactor was loaded with an undiluted bed, volume
135 ml, of catalyst in the form of pellets diameter 5,4 mm, height 3.6 mm.

This was reduced to the active form by passage of pure, dry hydrogen for several
hours at 450-500°C and space velocity about 25,000 hr—1. Because these reduction
conditions were easily obtained in our equipment, no specific study was made of
the reducibility of this catalyst although it has been shown that effectively
complete reduction is obtained by passage of hydrogen for two hours at 300°C.
After the reduction period, the inlet temperature of each reactor was adjusted

to the design setting and the appropriate rate of water fed to the vaporiser
upstream of the first methanator. After a few minutes, the hydrogen was replaced
by pre-mixed process gas at a flow-rate corresponding to a dry gas space velocity
of 10,000 hr=1 relative to the catalyst volume in the first methanator.

Reduction in dry gas volume through the methanators made the effective (dry)
space velocity through the second and third reactors 8865 hr-1 and 7160 hr-1
respectively. Methanation began immediately and steady state conditions in all
three reactors were reached within a few hours. The tests were then allowed to
run under constant conditions for a prolonged period, catalyst performance being
monitqred by regular measurement of the temperature profile in each catalyst bed.
Outlet gas compositions, which corresponded to the equilibrium composition at
each outlet temperature, were monitored by an on-line gas chromatograph.

Figures 3, 4 and 5 show the temperature profiles in each bed at the start of
these tests and after continuous operation for the periods indicated. ‘'lhe test
ran without significant disturbamce for 1500 hrs at which time a plant failure
caused an. interruption to the water supply and consequently massive carbon
deposition in all three reactors. After this upset, it proved impossible to
restart the second and third methanators so these were discharged and the
catalyst submitted to post-mortem examination. 'lhe first methanator was restart-
ed although the temperature profile was found to be displaced substantially down
the catalyst bed. Within a few days, however, it recovered to almost its
original position {see Figure 3) and then remained stationary until 2200 hrs at
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which time the test was terminated.

Post-mortem examination of the catalyst discharged from several levels in each
bed revealed that it had mean nickel crystallite sizes in the ranges 750-10003,
270-4008 and 160-1908 for the first, second and third methanators respectively.
Considering the duration and operating conditions of these tests, this crystal-
lite growth, from an original size of about 100A, demonstrated the inherent sta-
bility towards sintering of this catalyst formulation. Further, the excellent
performance during the lifetests showed that this degree of sintering had had no
detrimental effect on catalyst activity under the relevant operating conditions.
The inference to be drawn is that, with a catalyst of high active metal content
operating in a relatively high temperature range, some crystallite growth can be
tolerated. The small amount of growth of the catalyst in the second methanator
which had run up to 590°C was particularly noteworthy. The results reported
were obtained before a full catalyst composition optimisation was carried out.
Therefore, although it is not required for these duties, we would expect to

be able to design a catalyst with greater resistance to sintering if necessary.

Discharged catalyst from the first two methanators was found to contain sulphur
corresponding to an absorption of about_0.015 mg S/Nm3 of gas passed in the first
reactor followed by about 0.065 mg S/Nm” in the second, ie a total concentration
of 0.08 mg/Nm3 in the process gas inlet to the first reactor. ‘This
concentration cansed no significant deactivation of the catalyst in the first

bed and a deactivation rate of 1.0-1.5 inches per 1000 hrs in the second which,
it is reasonable to postulate, would have been lower at a lower inlet sulphur
level. This could have been obtained by optimising the desulphurisation catalyst
operating conditions but, in view of the length of test which would have been
required to demonstrate an improvement over the performance already observed,
this was not f£lt to be a worthwhile exercise. It will be seen that the distribut-
ion of sulphur between the two beds was as would be expected for their inlet

and outlet temperatures and the known fact that formation of nickel sulphide

is thermodynamically favoured at low temperatures.

DISCUSSION

The catalyst lifetests described above have demonstrated that a formulation has
been developed with the activity and stability needed to methanate a variety of
process gases at temperatures up to 750°C. By proving the catalyst under
simulated process conditions in tests of 2-3 months duration we have been able

to show that its rate of deactivation is low enough to be commercially acceptable.
Further, by testing under "typical! coal gas methanation conditions, we have
acquired the confidence to predict that this catalyst will also perform satisfac-
torily under .the variety of conditions encountered in different proposed coal

gas methanation processes. The high temperature capability of this catalyst has
the particular advantage of permitting the use of a straight-through methanation
system without the need for recycle of product gas for temperature control.

The applicability of this catalyst to processes other than coal gas methanation
should also be noted. For example, high temperature methanation steps may be
used as sources of heat for steam generation. In such a system, methanatable
gas is produced in an endothermic methane-steam reforming stage, piped to the
site where the steam is to be generated, methanated, cooled in boilers and feed
water heaters, then piped back to the steam reforming stage (4). To use such a
process optimally, it is clearly necessary for the methanation catalyst to
function over as large a temperature range as possible.
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FIGURE 1. METHANATION PROCESS
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FIGURE 3. FIRST METHANATOR TEMPERATURE PROFILE
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FIGURE 5. THIRD METHANATOR TEMPERATURE PROFILE
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INTRODUCTION

Natural gas is a highly desirable fuel because of its high heating value and
nonpolluting combustion products. In view of the expanding demand for and deple-
tion of domestic supplies of clean fuels, economical production of synthetic natural
gas (SNG) from coal ranks high on the 1ist of national priorities.

Presently there are several gasification processes under development directed
toward the production of methane or SNG. Although catalytic methanation of coal
synthesis gas is an important cost item in the process, basic technological and
design principles for this step are not well advanced. Extensive research and dev~
elopment are needed before the process can realize economical, reliable operation.
Specifically, there appears to be important economic advantages in the development
of more efficient, stable catalysts.

Extensive general reviews of pertinent literature dealing with methanation cat-
alysts and kinetics have been provided by Greyson (1) and Mills and Steffgen (2).
However, only recently, were kinetic studies of selected Group VIII metals (Fe, Ni,
Co, Ru, Rh, Pt, Pd, Ir) reported by Vannice (3,4) and of nickel and ruthenium cat-
alysts by Dalla Betta et al. (5,6) for which the kinetic data were clearly deter-
mined under conditions free of heat and mass transfer (diffusional) influences and
for which specific rates were based upon active catalytic surface areas.

There is very little mention in previous literature in regard to alloy cata-
lysts for methanation, and no previous kinetic data have been reported for alloy
systems. This paper discusses recently determined methanation activity data deter-
mined for alumina-supported alloys of nickel with ruthenium, rhodium, molybdenum
oxide, iron, cobalt, platinum, palladium and copper. These data were determined
under conditions such that effects of heat and mass transfer were minimized and
specific rates are reported at 1 atm and 225 and 250°C, based upon active catalytic
surface areas.

EXPERIMENTAL

Materials

Analytically pure metal salts (e.g. Baker Analyzed Ni(NO3)2-6H,0) and Kaiser
SAS 5x8 mesh alumina (301 m2/g) were used in preparation of the suppGrted nickel
alloy catalysts. Samples were prepared by simple co-impregnation to incipient wet-
ness of the support with aqueous metal salt solutions followed by oven drying at
80-100°C for 24 hours. The impregnated, dried samples were reduced in flowing
hydrogen at 1000-2000 GHSV while heating at less than 5°C/min to 450-500°C with a
one hour temperature hold at 230°C and 10-16 hours at 450-500°C. Samples reduced

in a separate reduction system were carefully passivated with 1% air in nitrogen
before transferring to the reactor.

Hydrogen and nitrogen gases (99.99%) were purified by simultaneously passing
both through a palladium Deoxo purifier (Engelhard) and dehydrated molecular sieve

or liquid nitrogen trap. Carbon monoxide (Matheson Purity; ~99.99%) was used without
further purification.
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Apparatus and Procedure

Metal surface areas were determined by means of hydrogen chemisorption at
25°C (Ni-Pd at 130°C) using a conventional volumetric apparatus capable of 10-6
Torr. Hydrogen adsorption uptakes were determined as a function of pressure and
the isotherm was extrapolated to obtain the adsorption at zero pressure. It was
assumed that exactly one hydrogen atom adsorbed on each surface metal atom, and site
densities were calculated based on the three lowest index planes of each metal (ex-
cept in the case of Ni-MoO3 where hydrogen was found to adsorb only on the nickel
sites). The surface composition of each alloy was assumed to be the same as the
nominal metal composition. Compositions and metal surface areas for catalysts pre-
pared and tested in this study are listed in Table 1.

Methanation activities were measured using a laboratory, single-pass differ-
ential flow reactor equipped with Matheson flow meters and pressure regulators, a
Hewlett-Packard 7132 temperature recorder, and a Hewlett-Packard 5830 gas chromato-
graph. A schematic of the reactor system is _shown in Figure 1. The stainless steel
reactor contained a catalyst chamber of 35cm3 with adjustable thermocouples installed
at each end of the chamber.

Differential activity measurements were carried out at low conversions with
2-4 grams of previously reduced (and passivated) catalyst in the reactor (the remain-
der of the bed was filled with pure A1203 pellets) in order to minimize the influ-
ence of heat and mass transfer. The sample was heated in flowing H, (approximately
500 cm3/min) to 450°C and held for two hours at that temperature, then allowed to
cool in flowing Hp to about 225°C. Reactant gases (1% CO, 4% H2 and 95% No) were
next allowed to flow through the reactor at a space velocity of 30,000 or %0,000
hr=1 for 30 minutes during which time the reactor temperature was stabilized at
225, 250, or 275°C. Reactor pressure was usually about 5-8 psig. Three chromato-
graphic samples of the product gas were obtained after which three additional
chromatographic samples were taken to determine unconverted reactant gas concentra-
tions. All important experimental conditions such as temperature and pressure were
recorded at the time each chromatographic sample was taken.

RESULTS AND DISCUSSION

Methanation activity data in the form of percent CO conversion, CHs produc-
tion, and specific rates are listed for nickel and nickel alloy catalysts in Tables
2-4 (225°C, GHSV = 30,000 and 60,000 hr-! and 250°C, GHSY = 60,000 hr-1) and the
specific rates are shown schematically in Figures 2 and 3 for 250°C and GHSV =
30,000 hr-1. For cgta]ysts with low metal loadings, low conversions were obtained.
For example, at 250°C (Table 4) conversions for the 3 wt.% catalysts (Ni-A-112,
Ni-Ru, Ni-Rh, and Ni-Mo0O3) range from 4 to 14% depending upon the space velocity,
whereas conversions for the 15 to 20 wt.% catalysts (all other catalysts) range from
11 to 43%. At 225°C the conversion ranges are 4 to 7% and 6 to 35% for low and
high metal loadings respectively. Thus, truly differential (low conversion) condi-
tions can be approached at 225°C for the 3% catalysts but not for the 15-20 wt.%
catalysts. Apparently then, for our reactor system and for typical methanation
catalysts, truly chemically-limited rate data can only be obtained for catalysts
with a Tow metal loading (3-5 wt.%). Accordingly it would be desirable in obtaining
very accurate kinetic rate data to prepare all of the catalysts with metal loadings
in the 3-5% range. WNevertheless, for purposes of screening, the data obtained at
moderate conversions are adequate for comparative purposes.and satisify the objec-
tives of this study.

The turnover numbers (N., and Ncy,) shown in Tables 2-4 and Figure 3 indi-
cate approximately the same ogger of madnitude activity for Ni, Ni-Ru, and Ni-Rh
catalysts. Our turnover numbers agree well with the initial rates reported by Dalla
Betta et al. (5) and Vannice (3) for 0.5% Ru/Al1203 and 5% Ni/A1,05. It
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appears that a small uncertainty (1-5%) in our results may be attributed to
small variations in gas concentrations, pressure and flow rates over.the test
period of a given catalyst. The measurement of both activity and selectivity also

includes uncertainties of 1-5% in calibration and measurement of gas concentrations,

Thus, it may be possible that selectivities for CHy are slightly higher than indi-
cated, although there is undoubtedly significant hydrocarbon and CO2 production (3,
5).

Dalla Betta et al. (6) have indicated that their steady-state rates for meth-
anation (after a 24-hour exposure to a reaction mixture) are 25 times lTower than
their initial rates (5). Thus, exposure to a reaction mixture over a period of
hours or even minutes may significantly reduce the activity of the catalyst. This
may explain why the turnover numbers reported in this study which were measured
after exposure for 1/2 to 4 hours under reaction conditions are significantly lower
than initial rates reported in the literature for 5% Ni/Zr02 (5) and 5% Ru/A1203
(3). The discrepancy between initial rates measured by Dalla Betta (5) and Vannice
(3) for nickel and ruthenium catalysts might be similarly explained by differences
in their pretreatment of the catalyst. Also, Vannice based his turnover numbers on
CO adsorption data, which in fact may explain differences of 100-400% between his
data and ours or those of Dalla Betta.

Vannice (3) has reported selectivities for the methanation reaction over the
group VIII metals to be in the following decreasing order: Pd>Pt>Ir>Ni>Rh>Co>Fe>Ru.
* This order correlates well with measured selectivities for alloys of these same
metals with nickel as shown in Tables 2-4. Of special interest is Ni-Pt-A-100
which shows the highest selectivity, 99% at 250°C and higher temperatures. Changes
in space velocity and temperature have appreciable effects on the selectivity as
can be seen for example in the data for Ni-A-112, Ni-Pd-A-100 and Ni-Ru-A-105.
Generally the selectivity increases with increasing temperature for a given space
velocity and with increasing space velocity for a given temperature.

Figures 2 and 3 illustrate the magnitude of the rates per gram of catalyst,

the turnover numbers, and selectivities at 250°C and a space velocity of 30,000 hr'].

Nominal compositions and hydrogen uptakes used to calculate turnover numbers are
listed in Table 1. It should be observed that the active metal loadings which vary
significantly between catalysts have an obviously marked effect on the activity of
the catalyst per unit catalyst weight as can be seen in Figure 2 where the Tisted
order corresponds to the order of wt.% active metal. A comparison of these rates
with the hydrogen uptake data shows that the rate is strongly influenced by the
available surface area. For example, Ni-A-116 (14 wt.% Nickel) is more active

(per unit mass) than G-87 (32 wt.% nickel) mainly because the surface area of the
former catalyst is larger.

Turnover numbers for 250°C and a space velocity of 30,000 hr'] are shown in
decreasing order of activity in Figure 3. Ni-Mo03-A-101, Ni-A-112 (3% nickel) and
Ni-Co-A-100 are the most active and G-87 the least active. The details of these
results are discussed below for each catalyst. '

Ni-MoO3-A~]01 has a relatively low active surface area. Thus, its rate per
unit weight is among the lowest tested. However, its turnover number is the high-
est of any catalyst tested. Assuming a method to increase the active surface area
can be found, this catalyst is a miost promising candidate for further study.

Ni-Ru-A-105 and Ni-Rh-A-100 behave typically as nickel catalysts showing com--
paratively little effects of alloying although both are slightly less active than
Ni-A-112, a nickel catalyst of comparable weight loading. The Rh does cause some
increased selectivity to methane but not as pronounced as for platinum. The data
determined at 225°C (Table 2) show an unexpectedly low selectivity to methane for
Ni-Rh. Thus, some of this work will be repeated.
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Ni-Co-A-100 contains a high loading of metal with.equal weight percents of
nickel and cobalt. It is of special interest in that both the rate per unit weight
and the turnover number are high. The selectivity of this catalyst for the metha--
nation reaction (78% at 250°C and GHSV = 30,000) is the lowest of any nickel cata-
lyst tested. Vannice (3) has reported cobalt to have a selectivity of 78% under
similar reaction conditions and the selectivity for nickel to be 90% also in good

_agreement with our data. Thus, cobalt has a strong effect on the selectivity of

the Ni-Co catalyst. Nevertheless, a recent test_showed the same catalyst to have a
93.5% selectivity at 225°C and GHSV = 30,000 hr-1, Since the selectivity should be
lower at 225 than at 250°C, these data must be repeated.

Ni-Fe-A-100 was found to completely deactivate within two hours under normal
reactor operating conditions. When the catalyst was removed from the reactor some
of the beads showed a brown (rust) color as compared to the normal black. The ob-
servations suggest that the iron may scavange the oxygen from the CO to form various
iron oxides and thus effectively poison the catalyst. It is also possible that the
Ni-Fe catalysts was not completely reduced at the beginning of the test. Additional

‘reactor tests are planned to investigate these possibilities.

Ni-Pd-A-100 was found to be less active than most of alloys tested thus far with
a turnover number about the same as G-87. Ni-Pt-A-100 has rate characteristics which
are not- outstandingly different from the other catalysts. The selectivity, however,
is significantly improved over nickel. Vannice (3) has shown platinum to be one of
the most selective catalysts for methane--namely about 98% to CHg. As an alloy with
nicke]hin the amount of only one atomic percent platinum effects a 99% selectivity
to methane.

Ni-A-116 is a high loading (15 wt.%) nickel catalyst used to compare.against
other catalysts containing 15-20 wt.% alloy. It has the highest rate per unit
weight but has a turnover number the same as Ni-Pt-A-100 and somewhat lower than
the cobalt alloy.

G-87 is a commercial nickel catalyst manufactured by Girdler Catalyst Corp.
and is included as a comparison against other nickel catalysts. It is unique, how-
ever, from the other catalysts tested because it contains a different support of
unknown composition which may influence the diffusional and mass transfer character-
jstics of the catalyst. Because of its high nickel loading (32 wt.%) it is expected
that its rate per unit weight should be high. However, its turnover number is one
of the lowest measured. This may be due in part to the effects of pore diffusion
resistance at a relatively high conversion of CO.

Data on Ni-Cu~A-100 obtained at 250°C and a space velocity of 30,000 hr_1 show
this to be the least active catalyst tested thus far with relatively low selectivity.
No further work is expected to be done with this catalyst because of its low
activity.

Apparent activation energies for some of the nickel-alloy catalysts are
listed in Table 5. With the exceptions of Ni-Mo03-A-101, Ni-Co-A-100, and Ni-Rh-
A-100, the catalysts appear to have activation energies of 12-18 kcal/mole for
both CO conversion and methane formation. Ni-Co-A-100 and Ni-Rh-A-100 have
slightly higher values of 22.2 and 19.2 respectively. Ni-Mo0,-A-101 has a signifi-
cantly higher value of 26 kcal/mole which is close to the valde of 25 kcal/mole for
nickel reported by Vannice (3). The far right column lists the activation energies
for various metals as reported by Vannice and measured under kinetic limited (low
conversion) conditions. Considerably lower activation energies for alloys com-
pared to those of either alloy component .very likely result at least in part from
mass transfer (or diffusional) limitations. In addition, the variations are partly
the result of alloy formation, the alloy having catalytic properties different from
either of the pure metals.
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CONCLUSIONS

1. Steady-state conversions of carbon monoxide at 225 and 250°C, 1 atm. (inlet
composition of 1% CO, 4% Hp, 95% N») range from 3-43% for alumina-supported nickel
alloy catalysts. Percent selectivities to methane range from 67-99%. Turnover
numbers are not significantly different within experimental error for Ni-Rh, Ni-Ru,
and Ni catalysts and compare favorably with initial rates reported for 5% N1'/A1203
and 0.5% Ru/A1203.

2. Steady-state conversion m?asured at 225 and 250°C, 1 atm and for space veloci-
ties of 30,000 and 60,000 hr-! indicate that very nearly differential (low conver-
sion) conditions obtain only for low (3-6 wt.%) metal loading catalysts. Screening
data for 15-20 wt.% metal/A1203 catalysts are influenced by mass transfer or dif-
fusional limitations.

3. Ni-Mo03/A1,03 is the most active catalyst on a per surface area basis. Ni-Pt/
A120 has the Eighest selectivity for methane production--namely 99% (250°C, 30,000
hr -3). A 14 wt.% Ni/A1503 is the most active catalyst on a per mass basis--even
more active than a commercial 32 wt.% Ni/A1203 simply because the 14% catalyst has
a high nickel surface area.
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HETEROGENEOUS METHANATION:
EFFECTS OF CARBON, SULFUR AND WATER

ON ACTIVITY MEASUREMENTS AT VARIOUS TEMPERATURES

R. A. Dalla Betta(*) and M. Shelef
RESEARCH STAFF
FORD MOTOR COMPANY
P. 0. BOX 2053, DEARBORN, MI 48121

INTRODUCTION

A wide variety of experimental procedures has been used to measure catalytic
activity and to compare catalysts for carbon monoxide hydrogenation. The comparison
is generally carried out in flow reactors operating at high conversions. While such
conditions are more realistic and may better duplicate catalyst performance in
actual use, specific catalyst activities or specific reaction rates are difficult to
estimate from such data. This is especially true for highly exothermic reactions
such as CO hydrogenation where the temperature as well as concentrations change
along the catalyst bed. Sulfur tolerance tests generally took the form of
sulfidation capacity measurements with the sulfur being quantitatively taken up by
the catalyst bed.

The first publications of this series presented data on initial reaction rates
(1) on clean metal surfaces and on steady-state rates (2) on several catalysts both
in sulfur-free and sulfur containing streams. In this paper a series of Ni
catalysts 1s compared in several different tests. It will be demonstrated that
conclusions derived from steady-state rates at 673 K are markedly different from
those drawn at 523 K. Similar contradictions apply to tests designed to assess the
activity in the presence of sulfur. Water vapor in the reactant stream is found to
have a significant effect on both the high temperature steady-state activity and the
final activity in the presence of sulfur.

EXPERIMENTAL

1. Apparatus

Initial rates were measured in a Pyrex glass batch recycle system as described
previously (1). The reactor loop was filled with the reactants to the required
pressure and mixed by circulating through a bypass. The catalyst sample was reduced
in a stream of flowing hydrogen, cooled to the reaction temperature, evacuated and
the reactants diverted over the catalyst. Samples of the reactant gas were analyzed
by 1injection into a gas chromatograph equipped with a flame {onlzation detector.
Both methane and total hydrocarbons were determined, steady-state rates were

(*) Current Address: Catalytica Associates, 2 Palo Alto Square, Palo Alto,
California 94304
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measured in an atmospheric pressure single pass flow reactor, also described
previously (2). The flow of each reactant was set by controlling the upstream
pressure on a stainless steel capillary. The catalyst was contained 1n a Pyrex
reactor supported on a porous glass disc. The reactor effluent was analyzed as
described above.

Water was introduced into the reactant stream through a Pyrex tube extending
into the glass reactor and connected to a motor driven positive displacement syringe
pump. The pump was constructed of stainless steel and had a volume of 500 cc. The
inlet portion of the reactor, including a plug of glass wool, was heated resistively
to vaporize the water. The pressure of water in the reactant stream was controlled
by the pump speed which was set at 0.049 cc/min.

2. Materials

The catalysts have been described in detail 1in previous publications (1,2).
The supported catalysts were prepared by impregnation of the oxide support with
aqueous Ni(NO3)2 solution. The 5% Ni/Zr0, (I) (1) and 5% Ni/zZro, (II) (2) were
prepared from "different batches of ZrQ, obtained from the TAM Div%sion of Natiomal
Lead Co. This material was found to be quite impure, containing appreciable amounts
of Cl, Ca, Mg, Fe and Hf (3). These batch to batch variations may, possibly explain
some of the activity differences observed in the catalysts made with the Zr0
support. Raney Ni was prepared by extraction of a 50:50 Ni/Al alloy with NaOH to
dissolve 60% of the Al. Hydrogen adsorption isotherms were determined on these
catalysts (2) and the results are collected in Table 1.

RESULTS

After reduction of the catalyst at 723 K, initial reaction rates were measured
on the clean metal surface using the batch recycle reactor. Reactant composition
was P(H ) 0.5625 atm and P(CO) 0.1875 atm. The rate was calculated from conversion
versus “time data at short times (1l). The system is well-behaved as shown by a
typical set of data for 2% Ni/Al _O_ presented in Fig. 1. Results for a number of Ni
catalysts are collected in Table®27

Steady-state rates were measured in the single pass flow reactor at atmospheric
pressure with a reactant stream composition of P(H,) 0.5938, P(C0) 0.1562, and P(He)
0.250 atm, corresponding to an H_/CO ratio of 3.8.° After the catalyst was reduced
at 723 K, the temperature was Eowered to 523 K and the reactants diverted over the
sample. Steady-state was usually attained after 6 to 8 hrs. but 24 hrs. were
allowed to elapse before at least four gas samples are analyzed and averaged to
determine the catalyst activity. Then, 10 ppm H_ S was introduced into the reactant
stream, and after 24 hrs., the activity again détermined. In a similar manner, the
H S flow was stopped and the activity recovery, if any, noted. These results are
presented 1in TFig.2. In Fig.3 the catalyst activities are compared at 673 K. The
procedure used in this case was to start the reactants over the samples at 520 to
550 K then slowly heat the samples to 673 K without exceeding a turnover number of

0.2/s. As before, 24 hrs. elapsed at each condition before activity data were
taken.

Up to this point the activity measurements have been run without the addition
of water. Although water is a reaction product, the differential conditions of the
flow reactor experiment keep the partial pressure of water over the catalyst low.
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In Figs.4 and 5 there are, respectively, collected steady-state results from runs in
which water was added to the reactant stream for the 5% Ni/ZrO_ (II) and 2% Ni/AlZO3
catalysts. The conditions at which each of the rate measureménts, shown in Figs.4
and 5, were made are given in Table 3, Following a procedure similar to the
previous measurements, the catalysts were reduced at 723 K, cooled to 523 K and the
flow of CO and H, started. Data at condition A were obtained after 24 hrs. Water
was then 1njected and 24 hrs. later the reaction rate was measured, Similarly,
each subsequent data point was taken after waiting 24 hrs. for steady-state
conditions to be established.

DISCUSSION
1. Steady-State Activity

Comparison of the initial rate data (Table 2) and the steady-state data at 523
K - (Fig.2) shows that at this temperature the steady~state surface is similar, or at
least has comparable catalytic activity to the clean metal surfaces studied by
initial rate measurements. The relative ordering of the activity of the three
catalysts is the same from either set of data. When the catalysts are heated to 673
K and again compared (Fig.3), the activity is significantly reduced in comparison to
the rate expected from extrapolation according to the measured activation energy
(Table 2). The activity 1s lower by a factor of approximately 30, indicating a
surface deactivated by carbonaceous deposits either as a carbon overlayer or by the
formation of a carbide-like species (2). Although the results presented here are at
673 K, 1t should be noted that the deactivation was observable at even lower
temperatures and varied in its rate of approach to steady-state from one catalyst to
another. A quantitative indication of this phenomenon is presented in Fig.6. After
reduction, the catalyst was cooled to the temperature at which the initial rate was
expected to be either 0.1 or 0.0l per second, and the reactants were passed over.
The temperature was then adjusted to maintain a nearly constant turnover number.
The Raney Ni at a specific rate of 0.01/s, corresponding to a temper&ture of 483 K,
shows no apparent deterioration in activity after 5 days. At a temperature of 548 K
and an activity of 0.1/s, the activity constantly decreased. To maintain a constant
activity 1t was necessary to continuously raise the temperature. The rate of
deactivation was observed to accelerate as the temperature was raised, as seen by
the accelerating slope of the curve in Fig.6. The rate of activity deterioration
appeared also to be dependent on the support, 5% Ni/ZrO deteriorating much more
rapidly than 2% Ni/A1,0, or Raney Ni. The deterior%tion is not associated with
thermal sintering of thesz, since it was shown earlier that cleaning the catalyst
of carbon could restore the higher activity (2).

As a result of this different susceptibility to deactivation by carbon
overlayer formation at different temperatures the relative specific activity of a
series of catalysts at steady state can be completely reversed at different test
temperatures. At 523 K the relative activity 1s 5% Ni/ZrO_ (II) > 2% Ni/Al 0, >

Raney Ni, while at 673 K the order s Raney Ni >21% Ni/AL,0, =87 NL/2X0, (ID). 23

2. Sulfur Poisoning

The temperature chosen for sulfur poisoning studies 1s also extremely
important. At 523 K the deactivation is a factor of 170 in the best case, Raney
Ni, while it is only 2.5 for 5% Ni/ZrO2 (II) at 673 K. This decreased poisoning at
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higher temperatures is consistent with the decreased stability of the sulfide. The
ordering of the catalysts 1is substantially different, 2% Ni/Al 03 showing the
greatest susceptibility to poisoning at 523 K, while Raney Ni is mo%t susceptible at
673 K. Such large changes in the ordering of catalyst sensitivity to sulfur, at
least in this type of test, implies complex behavior. For example, at low
temperatures, the presence of sulfur leads to the formation of a bulk metal sulfide
(4) and the effect of the support may be to inhibit the formation of such sulfides.
At higher temperatures other compounds may form such as sulfospinels in the case of
the Raney Ni which contains elemental Al (2).

The H_S pressure is too low to form a bulk sulfide at 673 K (4) and a surface
sulfur lager may have to compete with the carbon containing layer that apparently
forms at this temperature. This is in apparent agreement with the observation that
the least active catalysts in sulfur~free environment at 673 K are the most active
in the presence of HZS.

3. Effect of H20

Yet another measurement procedure to compare catalysts for CO hydrogenation
includes H,/ in the reactant stream at the catalyst inlet. Inclusion of a large
partial pressure of water would more closely simulate the industrial process since
water 1s purposely added to reduce carbon formation in the reactor and to generate
hydrogen by the water gas shift reaction. The data of Figs.4 and 5 show that at 523
K water has an inhibiting effect. At 673 K, however, 5% Ni/Zr0, (II) and 2%
Ni/A1,0. behave quite differently in the presence of H,O. The Zr6 supported
catalys shows 1Inhibition by water (compare arrow - wa%er free data %rom Fig.3),
while 2% Ni/Al1,0, is substantially more active. The latter behavior is expected if
it 1is assumeg éhat the high temperature deactivation is due to carbon and that the
presence of water inhibits carbon formation. The thermodynamic inhibition of carbon
formation by water is well known (5). The behavior of 5% Ni/ZrO2 (11) is difficult
to explain.

When H S is added to the reactant stream, the 2% Ni/A1, 0, catalyst becomes
totally in&ctive (Fig.5), the conversion being below the 3egection limit of the
analytical system. The 5% Ni/Zr0, (I1) 1s only slightly more- active. The
comparison of the effect of 10 ppm H_S in a dry stream and in a reactant stream
containing 13 mol% water reveals the sigflificant impact water can have on the
measured "sulfur resistance” of a catalyst. Whereas 5% Wi/Zr0_ (II) appeared to
deteriorate by only a factor of two with 10 ppm H,S, the combinatién of water and 10
ppm H_S results in a deterioration greater than“l00-fold. When both the water and
the H § were removed from the reactant stream, the activity recovered but for 5%
Ni/Zra the highest recovery was obtained in a stream containing sulfur. In fact,
with the system at reaction conditon D, f.e. both H,0 and H_S in the reactant
stream, removing the H_O0 but keeping the H,S in thg reactant “stream results in an
increase In catalyst acti®ity by two order§ of magnitude. This behavior was
completely Teversible; the catalyst could be cycled between conditions D, E and G
of Table 3 repeatedly without adverse effects.

The behavior described above emphasizes the importance of water when searching
for sulfur resistant catalysts. But even more significantly it may give clues to
the properties desired in a sulfur resistant methanation catalyst, The formation of
a material stable toward reaction with H,S 1s one route to sulfur resistance 1f this
phase possesses some catalytic activity %6). The carbon containing phase may be
such a material. A significant partial pressure of water may reduce its stability,
permitting the inactive sulfide phase to form.
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The measured specific activity and the relative ordering of CO hydrogenation
catalysts can vary markedly depending on the temperature and reactant stream
composition chosen for the catalytic test. Low temperature tests employing either
initial or steady-state rate measurements, give activity data for a clean metal
surface. Results obtained at 673 K apparently are representative of a carbon
contaminated surface.

The choice of the test temperature and reactant stream composition is extremely
important 1n designing an experimental test for catalyst resistance to sulfur
poisoning., Water should be added to the reactant stream since it has a great effect
on the sulfur tolerance of N1 catalysts.
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TABLE 1

Hydrogen Adsorption Results

Hy Adsorption Dispersion
Catalyst ymol/g H (ads)/M(tot)
5% Ni/Zr02 (I) (*) 33.7 0.079
5% Ni/Zr0y (II) (*%*) 19.2 0.045
2% Ni/A1,03 5.6 0.033
Raney Ni 137 0.031

(*) Sample used in ref (1)
(*%) Sample used in ref (2)

TABLE 2

Initial Rates of CO Hydrogenation (*)

N at 523 K Ey
s~1 x 100 kcal/mol
Sample HC(total) CH;,  HC(total) — CHy
5% Ni/Zr02 (I) 6.3 2.3 20 28
5% Ni/Zr0p* (II) 27 9.6 30 33
2% Ni/A1503 5.1 2.0 30 31
Raney Ni 3.2 1.0 26 31

(*) P(Hp) 0.5625 atm., P(CO) 0.1875 atm.

TABLE 3

Reaction Conditions at Steady-State
for Runs in Figures 4 & 5

Reactilons Temp Reactant Compositiom (Atm)

Conditions (*) (X) Hy0 HaS H2 (3] He
A 523 0 0 0.5938 0.1562 0.250
B 523 0.133 0 0.515 0.135 0.217
C 673 0.133 0 0.515 0.135 0.217
D 673 0.133 10-5 0.515 0.135 0.217
E 673 0.133 0 0.515 0.135 0.217
F 673 0 0 0.5938 0.1562 0.250
G 673 0 10-5 0.5938 0.5938 0.250

(*) The conditions were maintained for 24 hrs before
the steady-state reaction rate was determined.
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FORMATION OF SURFACE CARBON AND METHANATION
CATALYSIS ON ALUMINA SUPPORTED NICKEL

by

P. R. Wentrcek, J. G, McCarty, B. J. Wood and H. Wise
Solid State Catalysis Laboratory, Stanford Research Institute
333 Ravenswood Avenue, Menlo Park, California 94025

ABSTRACT

The mechanism of catalytic methanation on an alumina-supported nickel
catalyst (25 wt% Ni) has been examined by means of (1) kinetic studies
with a pulse microreactor, (2) surface studies with Auger electron spec-
troscopy (AES), and (3) temperature programmed surface reaction kinetics
(TPSR) at the gas/solid interface. During exposure of the catalyst to
pulses of CO (diluted with He) at elevated temperatures (> 450 K), we
observed first-order formation of surface carbon. The surface carbon so
formed exhibited high reactivity towards hydrogen with quantitative con-
version to methane, The Auger electron spectra indicated that the surface
carbon was bonded to the Ni as a carbidic-type surface species which con-
verted to graphitic carbon of very low reactivity towards hydrogen at
temperatures above 675 K. The kinetics of methane formation from surface
carbon and gaseous Hz werc determined by means of TPSR. The formation of
CHyq is observed at temperatures as low as 375 K. The rates of methane
formation follow first-order kinetics with respect to surface carbon.

The activation energy for this process is 17.6 kcal/mol. The experimental
data are analyzed in terms of a catalytic methanation mechanism in which
dissociative adsorption of carbon monoxide and hydrogen is followed by
reaction of surface carbon and surface oxygen with hydrogen adatoms to
yield methane and water,

1INTRODUCTION

In spite of considerable effort the methanation mechanism on nickel
catalysts is not established unequivocally. At room temperaturc non-
dissociative CO adsorption has been reported with the formation of several
molecular bonding states on the surface of nickel.l-5 However at elevated

*
This research was supported by the American Gas Association.
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.

temperatures (> 350 K) on an alumina-supported Ni catalyst6 and on Ni films?’
the formation of CO, was observed and the reaction interpreted in terms

of disproportionation, More recently dissociative chemisorptionsv9 has been
suggested in accordance with:

CO(g) = CO(s) (€8]
CO(s) - C(s) + 0(s) (2)
Co(g) +0(s) - C02(g) (3

However the surface carbon so formed was considered to have negligible
reactivity in methanation and to deactivate the catalyst with the formation
of bulk NizC or graphitic carbon structures.10

The objectives of our research were (1) the kinetics of interactiom
of CO with a Ni/Alp0g3 catalyst, (2) the reactivity of the surface carbon
species toward hydrogen, and (3) the physical nature of the surface
carbon and its bonding to Ni by Auger electron spectroscopy.

EXPERIMENTAL DETAILS

For measurement of the reaction of CO with the Ni/Al203 catalyst a
pulse-microreactor system was usedroperating at 50 psig. Constant-volume
pulses (1.3 cm3) of CO, Hp, or CO/H2 mixtures (CO + H2) in a helium
carrier stream passed through the catalyst bed and entered a gas chroma-
tograph (GC) for quantitative analysis (CO, COp, and CH4). The catalyst
bed consisted of 13.7 x 10~3 g of hydrogen-reduced Girdler G-65 methanation
catalyst (25 wt% Ni supported on Al203) crushed to finer than 200-mesh
particle size. The catalyst was reduced for 15 hours at 725 K in a steady
stream of pure Hg at 1 atm, then purged for an hour in flowing He before
the temperature was lowered to the desired operating level.

The rates of removal of the surface carbon species by hydrogen were
determined by the technique of temperature programmed surface reaction
(TPSR) . This method represents a modification of the temperature programmed
desorption technique (TPD) and is particularly well suited to the study
of irreversible surface gas reactions, such as the interaction of hydrogen
with surface carbon on nickel.ll Interpretation of the experimental data
in terms of kinetic parameters is based on the same theoretical analysis
as employed in TPD, 12

*
(s) rcfers to a surface species and (g) to a gaseous species.
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After depositing surface carbon on the catalyst (in the range from
3 x 1014 to 9 x 1014 atoms/cm? by exposure to a series of CO/He pulses
at 450 - 550 X the sample was cooled to room temperature and the carrier
gas changed to hydrogen. Subsequently the catalyst temperature was raised
at a linear heating rate and the formation of methane resulting from the
reaction of surface carbon with hydrpgen was monitored as a function of
time and temperature.

EXPERIMENTAL RESULTS

1. Pulse Microreactor Experiments

To establish the reaction order with respect to CO for surface-carbon
formation the CO concentration in the pulse contacting the catalyst sample
in the microreactor was varied from 1,0 to 10.0 vol% CO (in He) at 553 K.
From the amount of 0Oy formed the mass of carbon deposited on the catalyst
surface could be calculated (Equations 2 and 3). From the difference
between the CO consumed (equivalent to twice the amount of CO2 formed)
and the total CO lost from the pulse the amount of non-dissociated CO left
on the catalyst could be determined. The results of a series of such
experiments are shown in Figure 1, The data depicted by curve (a) dem-
onstrate that the fractional conversion of CO to surface carbon is pro-
portional to the amount of CO in the pulse, indicative of a first order
surface reaction, Thus, rather than disproportionation the mechanism
involves rapid CO adsorption and rate-limited dissociation of the CO
admolecule (reaction 2), followed by rapid removal of the oxygen adatoms
by further reaction with CO [reaction (3)1.

0Of interest is the quantitative conversion of the surface carbon to
methane on exposure to a hydrogen pulse at 553 K (curve b, Figure 1),
except at very high surface densities of carbon (an estimated surface
coverage of more than 50 percent relative to Ni surface atoms)at which
the amount of the carbon converted to methane is somewhat less than that
deposited, Under these conditions the temperature-labile characteristics
of the surface carbon become apparent, as discussed in further detail in
the following section,

For a first—ordcf reaction, such as the dissociative chemisorption
of CO on Ni/Alg03, a pulse-reactor experiment can be employed for kinetic
studies. Thus, from measurement of the amount of surface carbon formed
over a range of temperatures, the activation energy for this heterogeneous
reaction can be evaluated.l3 Over a temperature range from 553 X to 613 K
we calculate, an activation energy of 39 kcal/mole for reaction (3) .on the
basis of a heat of adsorption of CO on nickel” of -35,0 kcal/mole,
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2., TPSR Studies

The rate of formation of CH4q by interaction of surface carbon with
hydrogen, as studied by the TPSR technique, exhibits two distinct maxima
(Figure 2), One methane peak is centered at 430 + 20 K (¢ state), and
the other at 630 + 20 K (B state). The ratio of carbon coverages between
the two states was found to be Nq/NB_= 2.5 for exposure to CO at 523 K,
and NG/NB = 1,0 for exposure at 575 K, The shape of the TPSR curve and
the maximum reaction temperatures were not influenced significantly by the
temperature of surface-carbon deposition (from 510 to 570 K), In addition,
the lack of dependence of these parameters on initial carbon coverage
provides strong evidence that the reaction under study is of first order
in surface-carbon coverage, '

The apparent activation energies for the reaction of hydrogen with
both the o and 3 states of adsorbed carbon were determined by varying the
heating rate in a series of TPSR experiments.12 Based on the theoretical
analysis of a first-order surface reaction the apparent activation energies
for the reaction of hydrogen with the o~ and B~ states of surface carbon
were calculated:

7 -1

ka =1,3 x 10 exp(-17700/RT) sec (4)
9 =1

kB = 3.0 x 10" exp(-33000/RT) sec (5)
DISCUSSION

The experimental results strongly suggest the surface carbon formed
by dissociative chemisorption of CO as an intermediate in the methanation
reaction catalyzed by nickel, This mechanism is reinforced by experi-
mental studies in which the surface carbon deposited to various degrees
of surface coverage was exposed to pulses containing either hydrogen or
mixtures of H2 and CO (H2/CO = 9/1), As summarized in Table 1 the surface
carbon resulting from the exposure of the Ni/AlgO3 catalyst to six con-
secutive OO0 pulses can be converted rapidly and quantitatively to methane
on exposure to a pulse of hydrogen, The resulting carbon mass balance between
methane and surface carbon is excellent, On contacting a catalyst con-
taining surface carbon with a pulse of Hp/CO(9/1) the total amount of
methane produced is greatly augmented over that measured on a clean nickel
surface with the same gas mixture, As a matter of fact the total number
of CHy molecules formed approaches the sum of the number of carbon atoms
deposited on the catalyst surface and the number of CO molecules converted
in passing a CO/H2 pulse gas mixture over the clean catalyst (Table 1).
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Furthermore it should be noted that in pulsing with CO some non-
dissociated carbon monoxide is retained by the catalyst (Table 1),
However these CO admolecules do not seem to contribute to methane formation
on subsequent exposure to a pulse of Hp at 553 K. This lack of partici-
pation of adsorbed CO molecules in methanation is substantiated by a
calculation of the site occupancy of carbon and carbon monoxide adspecies
on the catalyst surface resulting from exposure to pulses of different CO
concentrations, In this analysis the assumption has been made that a
bridge-bonded configuration {CO(B)] is particularly favorable for dis-
sociative adsorption of CO, i.,e., two neighboring nickel sites onto which
CO is bound, The remaining sjites are taken to be occupied by linearly
bound CO admolecules [CO(L)], i,e., those bonded by sp-hybridized carbon
to a single Ni atom, It will be noted from the data in Figure 1 (curve
c) that during pulsing with progressively larger doses of CO, the finite
number of Ni sites available is quickly prcempted by CO(B)so that the
adsorption of CO(L) goes through a maximum value, From a comparison of
curves b and ¢ in Figure 2 it is apparent that methane formation runs
parallel to the surface density of C-atoms and not CO admolecules,

The chemical state of the carbon adatoms on the surface of the Ni/Alz03
catalyst has been determined by means of Auger electron spectroscopic
studies. A catalyst sample exposed to several CO pulses (10 vol% in He)
at 553 K and cooled to room temperature exhibited the spectrum shown in
Figure 3., The Auger electrons with energies near 250 eV and 260 eV ex-
hibited by the Ni/Al203 sample and the carburized Ni foil are character-
istic of a carbidic-type carbon structure.14,15 The KLL Auger transition
near 270 eV is common carbon in both the graphitic and the carbidic
chemical states,

Since in the energy range of interest the Auger electrons emanate
from a shallow depth near the surface of the solid (< 3 atomic layer)
we may conclude that the dissociative chemisorption of CO on Ni results
in the formation of a carbidic Ni-C surface bond., From the dissociation
energy of CO (256 kcal/mole) and the Ni-O bond strength (89 kcal/mole)
we estimate a value of 167 kcal/mole as the lower limit of the Ni-C binding
energy required to make dissociative chemisorption of CO on Ni thermo-
dynamically feasihle, A bond strength of this magnitude for the Ni-C bond
has been reported,16

Further evidence for dissociative adsorption of CO on Ni is provided
by electron spectroscopy. 1In a study17 of the photoelectron spectra of
CO adsorbed on a polycrystalline nickel film at 300 K, a density-of-states
distribution for the oxygen valence electrons was observed which could
be attributed to CO admolecules, However at T > 400 X, the density-of-
states distribution changed to that characteristic of O-adatoms resulting
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from CO dissociation, Also, for CO adsorption on a disordered Ni(111l) sur-
face, Eastman and coworkersl8 reported rupture of the C-O bond.

The labile characteristics of the carbidic surface carbon species
on nickel becomes apparent during prolonged exposure of the catalyst sur-
face to the electron beam of the Auger electron spectrometer or to elevated
temperatures, Under these conditions the Auger spectrum indicates a
gradual transformation of the carbidic carbon to the graphitic form, i.e.
disappearance of the spectral fine structure associated with the 250 and
260 eV Auger "peaks’ and growth of the signal intensity of the 270 eV "peak."
This form of surface carbon is relatively unreactive toward hydrogen.
Possibly it has the properties of the C(B)-state (Figure 2) observed in
the TPSR experiments. From the rate constants measured we would expect
the reactivity of the graphitic carbon towards hydrogen to be 1/10,000
that of the carbidic species at 553 K.

Our experimental work strongly suggests the carbidic carbon surface
species as an intermediate in the Ni-catalyzed methanation reaction. This
surface carbon species, highly reactive towards hydrogenation and methane
formation, should be distinguished from bulk nickel carbide, (Ni3C), whose
activity in methanation catalysis has been examined and found to be rela-
tively low,19-21 The rate determining step is to be found in the dis-
sociative chemisorption of CO, The activation energy for this process
is estimated to be 39 + 2 kcal/mole, a value of the same magnitude found
in our apparatus for steady state catalytic methanation at CO/Hp = 1/9,
as shown by the data in Figure 4,
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INTERACTION OF Hz AND H2/CO WITH SURFACE CARBON

Table 1

ON Ni/Alp03 CATALYST® AT 553 K

Experiment Pulseb Surface Species CH4 Formed
Composition Total Deposited
(vol%) Number (moles x 106) (mole x 106)
Hy o co C
1 0 10 2 1.56 2,01 -
100 0 1 0 (4] 1.96
2 0 10 2 0.83 2,12 -
100 [}] 1 (0] [}] 2,10
3 0 10 6 1.65 3.40 -
100 0 1 0 0 3.39
4 90 10 1 - - 5.25
0 10 5 - 3.08 -
90 10 1 - - 8,01

aNi/A1203 catalyst (Girdler G-65, 25 wt% Ni).

b
CO pulse

5.73 x 1076 mole; Hy pulse = 5.73 x 1075 mole.
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PERMSELECTIVE MEMBRANES FOR THE
REMOVAL OF H,S FROM COAL GAS

S. L. Matson
S. G. Kimura

General Electric Corporate Research
and Development Center
Schenectady, New York 12301

INTRODUCTION

The integrated combined cycle power plant firing low BTU coal
gas is one of the most attractive and efficient systems for produc-
tion of electricity from coal. H,S must be removed from the fuel gas
stream when high sulfur coal is uSed in order to meet emissions re-
quirements.

A permselective membrane which can be used to selectively sep-
arate H,S from low BTU coal gas is being developed. The membrane
is basea on the principle of facilitated transport in which permea-
tion is augmented by reversible chemical reaction with a carrier
species incorporated in the membrane. In the case of facilitated
HZS transport, the liguid membrane is a film of immobilized
carbonate solution with which H,S reacts, yielding permeation rates
and selectivities orders of magnitude greater than those of conven-
tional polymeric membranes.

MEMBRANES FOR GAS SEPARATIONS

Membrane gas separations are attractive because they are fun-
damentally simple and can require less energy than conventional
techniques. However, due to their generally low permeation rates
and selectivities, the application of membranes to industrial gas
separations has been limited. Low permeabilities result in excess-
ively large membrane area requirements reflected in high capital costs.
In order to achieve an adequate degree of separation with a membrane
of low permselectivity, resort to multiple stage membrane cascades
may be required, and both high capital and operating costs accompany
this type of operation. To overcome these objections, General
Electric is developing a new class of membranes called facilitated

transport membranes, which promise both high permeation rates and
high selectivity.

Permeation of gases through non-porous polymeric films occurs by
a solution/ditfusion mechanism. The permeant molecule first dissolves
in the membrane phase and then diffuses across the film driven by its
concentration gradient. The permeability of such a membrane is given
by the product of permeant solubility and diffusivity

Pr = Di‘ Si 1)
where permeability is generally defined by the equation
N, - § {(cc/sec) - cm thickness
Pr, = [=] 2 2)
i A - APi cm~ - cm Hg AP
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and
D; = diffusivity of permeant i in the membrane, cmz/sec
Si = permeant solubility, cc(STP)/cc membrane-cmHg
Ni = permeant flux, cc(STP)/sec
A = membrane area, cm2
§ = membrane thickness, cm
APi = transmembrane partial pressure difference, cm Hg

Membrane selectivity is expressed in terms of a geparation factor.
which is simply the ratio of the permeation coefficients of two gases

aj4 = Pri/Prj 3)

Unfortunately, both solubilities and diffusivities of gases in
polymeric films are generally low and thus gas permeabilities are like-—
wise low. Furthermore, since gas diffusivities and solubilities do not
vary greatly for a given polymer, conventional polymeric solution/diffusion
membranes also exhibit limited permselectivity as a rule.

Reasonable fluxes and area requirements can be obtained with
relatively low performance membrane materials by employing ultrathin
membrane technology, and silicone rubber and its copolymers have a
number of useful applications when used in this form (1,2,3). None-
theless, the problem of low selectivity is not resolved by decreasing
membrane thickness.

A considerable improvement in performance results from using an
immobilized liquid as the membrane phase rather than a polymer. Trans-
port through the "immobilized liquid membrane" (ILM) again occurs by
the solution/diffusion mechanism, but permeation rates are now improved
because solubilities and diffusivities of permeating gases are generally
higher in the liquid phase than in polymers. By immobilizing the mem-

 brane liquid by impregnation of a suitable porous support material, it

is possible to combine the desirable permeation properties of the

liquid with the physical properties and ease of handling of the poly-
meric support membrane. Such a membrane consisting of a supported poly-
ethylene glycol film has been shown to have high permeability and
selectivity for sulfur dioxide (4).

FACILITATED TRANSPORT

A more significant feature of immobilized liquid membranes may
be that permeabilities and selectivities for gases in liquid membranes
can further be augmented, often by orders of magnitude, through faci-
litated transport. This involves a non-volatile carrier species in
the liquid membrane which reacts reversibly with the permeating gas.
The reactive carrier shuttles back and forth between opposite sides
of the membrane carrying the permeant with it in one direction. This
process is very common in biological systems (5).
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Consider the simplest case of facilitated transport in which
a single permeating species, A, reacts reversibly with a carrier, C,
to form a complex, AC; neither the carrier nor the carrier-permeant
complex can cross the membrane boundaries. The sequence of events
describing facilitated transport is the following:

(1) Species A dissolves in the membrane liquid;

(2) A reacts with the carrier near the feed side membrane
boundary;”

(3) The AC complex (as well as "free" A) diffuses across the
immobilized liquid film;

(4) Near the other membrane boundary where the partial pressure
of A is low, the reaction equilibrium shifts and the AC
complex dissociates;

(5) Free A comes out of solution;

(6) The carrier diffuses back across the membrane and is again
available to participate in the facilitated transport cycle.

The total flux of A is the sum of that by simple diffusion (as free
A) and by facilitated diffusion (as AC). Because the concentration
levels and gradients in carrier and complex can be made orders of
magnitude greater than those of the "free" permeating component,
transport of A can be dramatically enhanced by the carrier process.
Moreover, membrane selectivity can be extraordinary, as advantage can
be taken of the specificity of chemical reaction. '

Some of the earliest work by engineers to exploit the separative

efficiency of facilitated transport membranes is that of Ward and Robb (6),

who identified the use of an aqueous carbonate solution immobilized in
a cellulose matrix as a CO, transport membrane. They found that not
only was CO, transport enhanced by orders of magnitude as compared to
diffusion tﬁrough water films, but also that the transport rate could
further be enhanced by the addition of a hydrolysis catalyst. A number
of mathematical analyses of facilitated transport have been published,
including those by Ward (7) and Shultz et al (8).

FACILITATED TRANSPORT OF H2§

Facilitated transport of H,S occurs in liquid membranes consist-
ing of aqueous carbonate solutidns according to the following process
(refer to Figure 1):

(1) H,S dissolves in the membrane liquid at the high-pressure
(h.p.) side of the film;

(2) H,5 decomposes near the h.p. side of the film by the reaction -

H25+H++Hs;

(3)  Hf produced in step (2) is consumed by COT that is diffusing
toward the h.p. side by the reaction H* + CO§ > HCO; ;
(4) HS~ and HCO3 diffuse from the h.

> . to the low pressure (1l.p.
side of the film; P ' P (1-p-)
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(5) Hs™ combines with nt near the l.p. side of the film by the
reaction HS + HY - H,S;

(6) H' for step (5).ié supplied by HCO,

vt + co3;

(7) Co; produced in step (6) diffuses back to the h.p. side;

(8) H,S produced in step (5) leaves the membrane.

by the reaction HCOS >

Carbon dioxide also reacts with the membrane liquid as described
by the overall reaction

CO, + COS + H,0 < 2HCO] 4)

2 3 2

and, accordingly, it also experiences facilitated transport. How-
ever, because the reaction rate of CO, with the membrane liquid is
slow relative to that of H,S, alkaliné absorbents demonstrate an in-
herent selectivity for absOrption of H,S in preference to CO,. A
means of improving this H25/002 selectivity still further wi%l be
described later.

In its present configuration, the immobilized liquid membrane
for facilitated H,S transport consists of a concentrated (25-30 wt. %)
agueous solution Gf K,CO,, although other membrane ligquids including
K,PO, solutions have Deen screened. The membrane liquid is immobilized
ag a film a few thousandths of an inch thick by virtue of surface ten-
sion forces in the pores of a hydrophilic polymeric support membrane.

Two approaches have been pursued for maintaining the transmembrane
H,S partial pressure gradient which drives membrane transport. The
fiIrst and simplest involves "sweeping" one face of the membrane with
low pressure steam to dilute the acid gases which permeate across the
membrane and keep their partial pressures low. The sweep steam carries
the acid gases from the membrane permeator to a condenser, providing
a dry mixture of H,S and CO2 at a pressure sufficient for conversion
of H,5 to elementa% sulfur In a Claus plant or similar process. It is
convénient to visualize the liquid membrane functioning as both the
H,S absorption column and steam stripping column which are conventionally
uSed for H,S removal. H,S absorption and solution regeneration occur
within the membrane liquid film thickness rather than in two separate
vessels operated at different pressures with absorbent pumped between
them. A drawback to steam sweeping is that a high pressure difference
corresponding to the difference between the gasification pressure and
the sweep steam pressure must be supported across the liquid film.
While the membrane support problem is significant, it is indeed
feasible to operate liquid membranes under such conditions, and the
steam sweeping approach is being pursued in a parallel program. How-
ever, an alternative affords greater HZS membrane reliability.

The alternative involves sweeping permeated acid gases from the
membrane permeator by means of a pressurized liquid which is an H,S
absorbent. This liquid sweep may simply be a concentrated solutidn of
K,CO,, identical in composition to the immobilized membrane liquid, which
i§ i3olated from the liquid membrane sandwich by a layer of non-wetted
microporous pPolymer membrane which affords no significant resistance to

Hy5 transport. Relatively little power is required to pressurize the sweep
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liquid to coal gas pressure, and by this means no significant pressure
difference is applied across the membrane. The price of avoiding the
membrane support problem is, of course, introduction of the require-
ment for absorbent regeneration. Dissolved acid gases are removed
from solution by pressure reduction and steam stripping as is con-
ventional practice. 1In this configuration, the membrane H,S scrubbing
process resembles a hot potassium carbonate plant in which“the con-
ventional packed tower absorber has been replaced by a membrane per-
meator. The advantages in this are enumerated below.

APPARATUS

Figure 2 shows the apparatus used to measure membrane permeabi-
lity. A membrane is placed in the test cell, and the test cell is
inserted into an oven set at the desired operating temperature,
usually from 90° to 130°C. Feed and sweep streams pass counter-
currently over opposite sides of the membrane. The feed gas—-

a mixture of H,S, C02, N2, and sometimes small amounts of other
gases--is humi%ified by Sparging through a boiler set at the tem-
perature corresponding to the water pressure of the membrane liquid.
Helium is likewise humidified and serves to meter the sweep steam.
Flow rates of all streams are measured and gas compositions determined
by chromatography. 1In liquid sweeping runs, a sweep liquid stream

of appropriate composition pressurized by a metering pump replaces

the low pressure sweep gas mixture of helium and steam.

While most tests have employed synthetic coal gas mixtures made
from bottled gases, experiments have also been performed with actual

coal gas. Coal gas supply pressure has been limited to one atmosphere
to date.

gzs MEMBRANE CHARACTERIZATION

The optimum operating temperature of the membrane is in the range
of 90°C to 110°C, which coincides with that of the hot potassium
carbonate systems. Total feed gas pressure is usually maintained at
300 psig--a typical operating pressure for fixed bed gasifiers. 1In-
let HZS partial pressures are representative of gasification of high
sulfuf¥ coals--2.5 to 3.5 psi.

Figure 3 shows the dependence of membrane H,S permeability on
the partial pressure of CO2 in the feed gas. Thé inlet H,S partial
pressure was 2.8 psi, but Since substantial amounts of H were re-
moved from the feed gas stream, the H,S feed partial preSsure varied
several fold from package inlet to ouglet and in certain instances
significant H,S partial pressures were present in the sweep stream.
These data demonstrate the strong depressing effect of CO, partial
pressure on H,S permeability which results from competition of the
two acid gaseS for the membrane carrier, the carbonate anion. Such
an effect can be predicted qualitatively by the theory of facilitated

transport, although a rigorous mathematical description would be
extremely complex.

The CO, partial pressures of interest in low Btu coal gas range
from about ES to 30 psi, corresponding to an average permeability for
H,S of 3000-4000 x 10'9cc(RTP)-cm/sec-cmz_cmHgAP. Asa basis for

comparison, the room temperature st permeability of dimethyl silicone
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rubber, the most permeable polymeric membrane available,is 850 x 1072,

Unlike silicone rubber, the immobilized liquid membrane is virtually
perfectly selective for acid gases; other coal gas components cross
the membrane by the solution;diffusion mechanism, and solubilities
in the hot, very concentrated salt solution are quite low.

H,S permeability is essentially unchanged upon raising the
operating temperature from 90 to 110°C, although an increase in CO2
permeability results in a decreased selectivity for H,S over CO
at the higher temperature. H,S permeability is also relatively in-
sensitive to carbonate solutidn concentration,apparently due to
competing effects between higher carrier loading and decreased dif-
fusivities and activity coefficients at the high concentrations
employed.

The permeation coefficient for H,S also depends on its own partial
pressure in addition to that of CO,; In Figure 4, the feed gas CO
partial pressure has been fixed while H.,S inlet concentration is
varied. Since the extent of H,S remova% from the feed gas was
limited to 15-30%, accurate point values of H,S permeability were
obtained. At high feed partial pressures of ﬁydrogen sulfide, the
membrane carrier mechanism is saturated--that is, the extent of the
facilitation is limited by the availability of the carbonate carrier
for reaction at the feed side of the membrane, and H,S permeability
falls off sharply at high partial pressures. For H, partial pressures
below about 3 psi, the permeation coefficient incredses modestly with
decreasing reactant partial pressure. This saturation phenomenon is
a general feature of facilitated transport systems. The performance
of facilitated transport membranes is made more difficult to describe
due to the dependence of permeation coefficient on permeant partial
pressure. This contrasts with the relatively simple situation for
polymeric membranes in which permeability is often a constant charac-
teristic of the identity of the permeating gas but not its pressure.

Membrane permeability to H,S depends on sweep side acid gas
partial pressures as well as on”those in the feed gas. 1In the liquid
sweep runs summarized in Figure 4, the extent of conversion of in-
coming carbonate sweep solution to the bicarbonate form was varied
to simulate different degrees of absorbent regeneration in the steam
stripping process. The calculated equilibrium CO, partial pressures
exerted by the incompletely regenerated sweep liqiiid are shown in
Figure 4. The two dashed lines indicate that H,S transport
is further hindered by the presence of the competing permeant co,
on the sweep side of the membrane.

The presence of H,S in the sweep stream influences transmembrane
flux in two ways-- (1) gy decreasing the H,S partial pressure difference
across the membrane (i.e., the driving force for transport) and (2) by
decreasing the facilitation  factor due to the decreased concentration
gradient in bisulfide and bicarbonate ions resulting from partial
membrane liquid conversion by H,S in the sweep stream.

As observed earlier, the transport of carbon dioxide is also
facilitated by the carbonate membrane system. An important difference
between H,S and CO, facilitated transport is that, while the chemical
reactions which augment H,S flux are sufficiently rapid that H,S
transport is essentially 3iffusion rate limited, the reaction of
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CO, with the membrane liquid is relatively slow due to the sluggish
kifietics of CO. hydrolysis. Hence, reaction rates as well as equilibria
are important 1n determining the permeation rate of CO,. The significance

of the difference in reaction rates is that carbonate &bsorbents--
whether immobilized as liquid membranes or not--exhibit an apparent
selectivity for absorption of H,S in preference to COZ,and membrane
co, permeability is much lower than that of H,S.

The high degree of control which the membrane designer has over
the gas-liquid interface permits him to further improve this inherent

selectivity for absorption of H,S over CO,. Figure 5 shows how H S:CO2

selectivity can be enhanced by Splitting 3 given total membrane liquid
film thickness into two or more liquid layers, each separated by a
thin gas-filled space. This so-called "gas gap" is conveniently pro-
vided by a layer of a suitable non-wetting microporous polymer mem-
brane. The rate of H,S transport, being diffusion-limited, depends
only on the total thickness of the membrane liquid films acting as
diffusion barriers. Since the mass transfer resistance to H,S of

the intervening gas gap is entirely negligible, the H,S permeability
is not effected by this arrangement of the membrane sandwich. 1In
contrast, the transport rate of CO, is diminished by dividing the mem-
brane ligquid film into multiple layers, since the CO, flux is sensi-
tive to the rate of the relatively slow chemical reacCtion between co,
and membrane liquid and since these slow reactions are forced to
occur an additional time for each new gas-liquid interface which ig
created. According to this much oversimplified description, the

CO, transport rate is approximately halved by a single gas gap, de-
créased 3-fold with two gas gap interlayers, etc., with a correspond-
ing increase in H,8:C0, separation factor «o at no cost in reduced H,S
permeability. It shouid be observed that the selectivity enhancement
requires only that the CO, reaction be slow relative to that of H,S,
since competition between“these two reactants for membrane carrier
determines selectivity. The CO, absorption reaction might be fast
compared to the diffusion procesSs.

Figure 6 shows that this simple analysis describes experimental
data quite adequately. The ratio of HZS and CO2 fluxes has been
determined for three membrane sandwich®configurftions and plotted as
a function of CO, partial pressure in the feed stream; inlet H,S
concentration was fixed. Multilayering is seen to improve HZS:CO
selectivity as predicted by theory, as the spacing and slope§ of %he
lines drawn through the three data sets indicate. With a double gas
gap arrangement (three membrane liquid layers) and a synthetic coal
gas feed containing 2.7 psi H.S and 20 psi CO,, the H,S:CO, flux
ratio is increased from about“0.5 (no gas gap? to 1.5, corfesponding
to a permeate composition enrichment from 33% to 60% H,S in CO..

Selectivity for H,S absorption is particularly importafit for ifitegrated

cgmbined cycle poWer generation from low Btu coal gas for reasons
discussed below.

Permeation data such as the above are used in predicting the
membrane area requirement for any given application. Since the
permeability of facilitated transport membranes depends on reaction
kinetics and equilibria, it is not possible to characterize membrane
performance by a simple permeability "constant" as for polymeric mem-
branes, and in fact the permeation constant varies significantly from
permeator inlet to outlet in the following integration:
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S, F

Pr (P
st H

where F, and P, are the volumetric flowrate and total pressure of the
coal gasS feed. The H,S partial pressure difference across the mem-~
brane is calculated b§ material balance. For typical applications
involving desulfurization of low-Btu coal gas produced from high sul-
fur coal, a range of 1-2 ft° of membrane area per kilowatt of generating
capacity is predicted.

MEMBRANE st SCRUBBING OF LOW BTU GAS
The conceptual layout of a liquid swept membrane H,8 scrub-
bing system is shown in Figure 7; it is very similar to“the hot
carbonate flowsheet with the exception of the replacement of the
conventional absorber with the novel membrane permeator.

Many of the benefits of membrane H,S scrubbing in the combined
cycle power plant are due to the controflable, high membrane selecti-
vity for H,S absorption. Minimizing CO, removal increases the fuel
gas mass fiow to the gas turbine, decreases the turbine compressor
air requirement, and thus increases the net shaft work delivered

to the gas turbine generator. On the other hand, passage of large
amounts of CO, through the H.S removal and sulfur conversion trains
is to be avoiaed for a number of reasons.

The total amount of acid gas flowing through the sulfur re-
moval and conversion trains is less, of course, for the more
selective process; specifically, three times less acid gas must
be processed on a molar basis if the product stream from the H,S
stripper consists of 60% H,S in co, rather than 20% H,S. A de-
crease in the total amount®of absorbed acid gases to be stripped
from solution should reduce the stripping steam requirement.
Since insufficient waste heat is available in the plant to raise
all the low pressure stripping steam required, a portion must be
extracted from the steam turbine at a penalty in reduced power
output; this penalty is minimized by high membrane selectivity.
In short, less gasification, heat recovery, and gas and steam tur-
bine equipment need be purchased per megawatt of exported power
when selective membrane scrubbing is employed, and power plant
first costs are thus reduced by more effective use of the energy
available in the coal gas. The net plant heat rate is also im-
proved by routing CO, to the turbines, reflecting lower operat-
ing as well as first“costs.

A final consideration as regards the power plant is that
a number of H,S removal processes, including the membrane scrubber,
employ concengrated solutions of alkali metal salts as absorbents.
With conventional absorption columns, a possibility exists for
alkali metal carryover due to entrainment or foaming. This is
unacceptable in view of the extremely low gas turbine tolerance
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for alkali metals in the fuel gas due to hot corrosion problems.
The carbonate membrane solution, on the other hand, is quite
effectively immobilized.

The high absorption selectivity afforded by membrane H,S
scrubbing also results in equipment and utility savings in %he
H,8 scrubbing process itself. Specifically, the effective absor-
bént carrying capacity for H,S increases with selectivity, and
a reduced solution reCircula%ion rate is possible at a savings
in pumping power. Since gas and liquor flowrates are down, the
size of the stripping column is decreased, and a smaller acid gas
condenser duty follows from the reduced stripping steam consump-
tion.

The relatively high absorption temperature of 90-110°C is
an advantage relative to processes which operate nearer ambient.
The higher the absorption temperature, the less heat exchange
area and heat rejection capacity that is required in the fuels
plant. Energy losses due to incomplete heat recovery are mini-
mized and less polluted condensate is generated. By operating
at somewhat higher absorption temperatures and living with in-
creased K,CO makeup requirements, the alkaline membrane liquid
should be“capable of absorbing carbonyl sulfide, if required,
and hydrolyzing it to H,S and CO., to facilitate its conversion
to elemental sulfur in %he Claus“plant.

FPinally, Claus plant capital cost is sensitive to H,S con-
centration in the acid gas feed. Above 50% H,S, the lesS expen-
sive partial combustion process may be employeéd; at lower H,S
concentrations, the split-stream configuration is required In
order to achieve stable combustion. Furthermore, since H,S
conversion to elemental sulfur is limited by equilibrium Consi-
derations, sulfur conversion efficiency increases with H,S
concentration for a given number of catalytic stages. “Since
the cost of the sulfur conversion plant will be as large as that

of the H,S8 removal plant, substantial cost savings can be realized
here.

MEMBRANE LIFE

Because of the very severe operating environment of coal gas,
an extensive life testing effort has been undertaken, focussing
on the liquid swept membrane. The membrane has been operated at
90°C and a pressure of 300 psig with synthetic coal gas mixtures.
Tests have also been performed on actual coal gas produced by
the GEGAS-F atmospheric fixed bed gasifier. Both chemical and
physical effects have been sought and solutions developed for
membrane life-limiting problems as they have been identified.
Promising life test results have been obtained which will soon
be reported.

CONCLUSIONS

] .The superior performance of facilitated transport immobilized
llqul@ membranes makes possible the use of membranes to do in-
dustrially significant gas separations. The extremely high per-

meability and HZS:CO2 selectivity of carbonate liquid membranes
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makes them particularly suitable in low Btu coal gas-combined
cycle power plant applications. In addition to high performance,
reasonable membrane life is being demonstrated.
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FIGURE 1.
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FIGURE 2.

PERMEATION TEST SYSTEM

—F————— == [ ===
:  fmEE tmmo !
T ! REGULATOR REGULATOR | |
FEED 1 !
GAS 000 s I
ORIFICE 1 ] WATER
1 ( REMOVAL
|
FEED BOILER | !
oaeer 000 / : FEED SWEEP
ORIFICE : | our our
I R 1N
SWEEP BOILER VENT
FLGURE 3. EFFECT OF CO, PARTIAL PRESSURE
ON st PERMEABILITY
T H T T
90°C, 25-30% K,CO04
6000 70-90% st REMOVAL -
a STEAM & LIQUID SWEEPS
- Py ¢=2.8 psi
gl £ st- © psi
Il e .
al © °
lo) 4000 ° -
ENE
gl 4
a
-]
-2 2000~ .
N + STEAM SWEEP
a o CARBONATE
SOLUTION SWEEP
’ 0 i L L 1
2 5 10 20 30 100
Pcoz, FEED (psi)
' 75



IMPROVEMENT OF H,5/C0,
SELECTIVITY BY GAS GAP

DIFFUSION LIMITED H,S TRANSPORT:

|
Nis © (TOTAL LiquiD FILM THCKNESS)

REACTION RATE LIMITED CO, TRANSPORT:

N |
C02 & UNBER OF GAS-LIGUID INTERFACES)

I.TWO ILMS IN  ILTWO ILM'S SEPARATED
CONTACT BY GAS GAP
S =
Z
Nps Neo Miss Ncoy/2
.. an N 201

76

FIGURE 4.
H,S PERMEABILITY MAP AT 30°C, 30 PSI €O, IN FEED
T I |
8000l 25% K,C03, 90°C
Peo,» FEED=30 psi i
(o)
6000} i
— e
4000} -
P,
SWEEP LIQUID 0y §~U\
KEY CONVERSION (% TR
2000} XY v 0ION (%) EQU(I)I‘.oggsd AN A
a 33 1.0 h
a 50 3.4
0 i | N
0.1 03 1.0 30 10.0
PHZS, FEED (psi)
FIGURE 5.




FIGURE 6.

ENHANCEMENT OF MEMBRANE H,5/C0,
SELECTIVITY BY GAS GAP
T T T
90°C, 30% KoCO3
70-90% HyS REMOVAL _|
PH23= 2.7 psia

Hp$/CO, FLUX RATIO
>

NUMBER OF
KEY ILM LAYERS
L. © ! -
0.2 o 2
a 3
o'l 1 1 I 1 1
| 2 5 10 20 50 100

Pcoa, FEED (psi)

FIGURE 7.

MEMBRANE H,S SCRUBBING SYSTEM
(LIQUID SWEEPING)

cw
S & CO.
Hy 10 2
CLAUS UNIT
COAL GAS

STRIPPING
COLUMN
+HyS

SWEEP LIQUD SA=STEAM
MEMBRANE ;@——j

PERMEATOR

CLEAN
COAL GAS

77



Hot Low-Btu Gas Purification with Coal Ash, O. J. Hahn and M. R, Heilig, Insti—

tute for Mining and Minerals Research, University of Kentucky, Lexington, KY
40506 .

An experimental study was carried out to evaluate the removal of H,S and other sulfur
compounds from hot low Btu producer gas using gasifier ash. The present work em-
phasized thermogravimetric studies of the basic absorption and regeneration of ash as
a function of temperature, particle gas size composition and resicence time. The gas
composition studied include (H,S, N3), HS, H,» N, (HS, Hzs CO, Ny, (H:S, CH4,
Hy, CO, Ny, (H,S, CH,, H,, CO, CO,, Ny)and (H,S, COS, H;, CO, N;). The temper—
ature range varied From 800 to 1600°% ., The absorption of H. 5 in the iron oxide matrix
is preceded by the reduction of the iron to the elemcntal form.

In the case of (H,S, N2) gas the absorption was restricted by the formation rate

5

of H
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HOT GAS CLEANUP PROCESS FOR REMOVING HaS
FROM LOW-BTU GASES USING IRON OXIDE ABSORBENTS

E. C. Oldaker and D. W. Gillmore

Energy Research and Development Administration
Morgantown Energy Research Center
Morgantown, West Virginia

INTRODUCTION

Research is continuing at the Morgantown (West Virginia) Energy Research Center,
Energy Research and Development Administration, to develop a hot gas cleanup process
using solid regenerable sorbents to remove hydrogen sulfide from hot (1000°-1500°F)
low-Btu fuel gas made from coal. A suitable process is needed whereby sulfur can be
removed from low-Btu gases so that high sulfur coals can be utilized to provide clean
energy and meet the environmental standards regulating the amount of sulfur released
to the atmosphere. Removal of hydrogen sulfide without cooling the gas would con-
serve the heat lost in conventional gas purification methods, thus increasing the
thermal efficiency by 15 percent.

The use of iron oxide to remove HzS from industrial gases has been practiced for
many years. Indeed, research by the Appleby-Frodingham Steel Company during the late
fifties led to the construction and operation of a plant desulfurizing about 2% million
cubic feet of coke oven gas per day followed by construction of a 32 million cubic feet
per day plant before operatiomal problems and economic costs shut down the operations.
The crude coke oven gas was passed through a fluidized-bed of sintered iron oxide
powder (-16 mesh + 100 mesh) where reaction with HzS and Fez0s took place at tempera-
tures approaching 400°C. This process, as reported by Reeves et al (1), removed
95-98 percent of the HzS from the coke oven gas. The principal problems encountered,
as far as the use of iron oxide was concerned, were massive attrition and replacement
of the fines, plugging and erosion of pipes transporting the iron oxide. These
difficulties encountered by the Appleby-Frodingham process have been overcome by
placing the iron oxide particles on a supporting matrix composed of fly ash, or
silica, by thoroughly mixing the two components, extruding the paste-like mixture
into 1/4-inch diameter by 3/4-inch long cylinders and sintering at 1800°F.

The chemistry involved in absorption and regeneration using iron oxide shows
that iron sulfides are produced when H.S reacts with Fep0s; with the empirical com-
position approaching FeSi s

Fe20s + 3H.S + 2FeS,;,s + 3H20
However, according to Imperial Chemical Industries Catalyst Handbook (2), fresh iron
oxide is converted to Fes0, in the presence of hydrogen and at temperatures above
650°F. Therefore, the reaction would be written as

FeaO, + 4H.S -+ 2FeS + FeS, + 4H.0
During regeneration, air oxidizes the FeS and FeS: to Fes;O. and S0O:z:

6FeSy . s + 1302 + 2Fe304 + 9502
However, in the presence of excess oxygen, the FesOy is converted to Fex0s. If this
condition exists, then upon the start of another absorption cycle, some hydrogen is

consumed from the raw producer gas while conversion to Fes0. is taking place

3Fex0s + Ho =+ 2Fes0y + H20 .
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A review of the literature reveals that coke oven gases have been desulfurized
in both fixed and fluid beds of iron oxide at temperatures up to 752°F (1). Abel
et al (3) and Shultz (4) reported the results of laboratory-scale investigations of
solid sorbents to remove hydrogen sulfide from hot (1000°-1500°F), clean, simulated
low-Btu fuel gas. Clay and Lynn (5) reported the use of iron oxide supported on
alumina to remove NOy and SO, from powerplant stack gases at temperatures approaching
1000°F, using an injected stream of synthesis gas (CO + Hz) to reduce the S0, to H.S
and NO to N, before passing the flue gases over the catalyst. Oldaker et al (6,7,8,9)
reported the results of tests involving fly ash-iron oxide and silica-iron oxide sor-
bents to remove H.S from hot (1000°-1500°F) low-Btu gases.

EXPERIMENTAL WORK

The Research conducted thus far has been two-pronged; lab scale investigations
for the development of an efficient sorbent for removing H2=S from hot low-Btu gases
made from coal, and process development to identify the major parameters required

for scale-up design criteria utilizing data from bench scale operations up to 9000
scfh gas flows.

The absorbent research has been directed toward the development of sorbents with
the following criteria:

. Efficient removal of H-S at temperatures above 1000°F;
. Physical strength required to withstand handling;
Economic feasibility; and

an o

Attrition of the iron oxide sorbent resulting in unacceptable carry over and
absorbent replacement, plugging or fouling of system components, led to development
of a more suitable matrix support for the iron oxide. Fly ash and silica satisfied
this requirement and permitted adequate gas contact for removal of HzS, while with-
standing process temperatures.

The next step toward the development of the sorbent hinged on the necessary
preparation techniques required to strengthen these sorbents in the categories of
HzS absorption capacity and efficiency, physical strength, and economic costs.

Several tests were carried out to determine the effects of additives on the
physical strength and absorption capacities. It was found that one percent bentonite
added to the fly ash-iron oxide mixture produced a superior sorbent having good
physical strength and absorption capacity. This was not true when using silica-iron
oxide mixtures as both the physical strength and absorption capacity were reduced. On
the other hand, using sodium silicate as the additive produced an excellent sorbent

when using either fly ash or silica as the support material. Data are shown in
table 1.

Another major difference between the support materials is the amount of iron
oxide that can be admixed. It was found that 25 percent iron oxide added to the fly
ash was the maximum amount that could be tolerated without reducing both the physical
strength and the absorption capacity, whereas 45 percent iron oxide could be added
to the silica without any detrimental effects on the physical strength or absorption
capacity of the sintered sorbent. This increased amount of iron oxide accounts for
the much higher H»S absorption capacities shown in table 1 for the silica sorbents.’

The temperature limitations imposed on each type of sorbent is significant

because of the highly exothermic reaction taking place during the regeneration of
the sorbents. Using fly ash as the support material imposes a temperature limitation
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of 1500°F for the sorbent to have a good level of absorption capacity and life
expectancy. This is because fly ash acts as a glass-fusing at around 1500°F. The
fus;ng characteristic would cause loss of pores thus cutting down on surface area
available for good gas contact and eventually rendering the sorbent useless for
removing H2S from hot producer gas.

. Silica, on the other hand, has a much higher fusion temperature permitting
higher temperature operation without affecting the ability of the sorbent to perform.
The recommended operating temperature indicated by limited data is believed to be in
tbe range of 1700°-1800°F. This range is well above most if not all coal gasifica-
tlon.processes being developed at this time. Provided that the present work being
carried out on other than low-Btu gases does not contain constituents detrimental to
Fhe sorbent material or reactions, the two sorbents could be used on most coal gasif-
ication processes efficiently and economically. Particulate matter carried over
from the gasification process may cause detrimental effects especially if the fixed
bed concept is utilized, although the lab scale investigations indicate the carbon-
aceous material is burned off during the regeneration cycle. There is much research
work going on at the present time on hot particulate removal from coal-derived gases,
which is essential to projected combined cycle and turbine applications.

Figure 1 is a flow diagram of the laboratory apparatus used to test and evaluate
the various sorbents. Generally, the gases were metered into the system to simulate
the actual composition of producer gas. Coal was fed into the system at rates up to
500 grams/hr through the carbonizer to provide the actual tars and particulates
found in producer gas. After being preheated, the producer gas flows into the
absorber containing approximately 700 grams of prepared sorbents. The HaS is moni-
tored at the input and output of the absorber by means of the Tutwiler technique (10)
to determine the absorption capacity and efficiency of the particular sorbent being
tested. The temperature of the absorbent bed is maintained at operating temperature
by means of electric heaters, usually at 1100°F. The gas output is also monitored
by analyzers for CO and Ha.

Life expectancy is another major parameter used to evaluate the worth of a high
temperature solid absorbent for H.S removal. Therefore, an iron oxide-fly ash
absorbent was tested on the lab scale unit using simulated producer gas containing
tars and particulates to determine some degree of life expectancy. Thirty complete
absorption-regeneration cycles were completed on the same absorbent. It was found
that the recycling of the sorbent did not affect the ability of the sorbent to remove
HzS from the hot producer gas maintaining an average absorption capacity of 10 wt.-
pct. during the tests. Upon completion of these tests, the sorbents were in excellent
condition without any signs of physical deterioration or caking between the individ-
ual sorbents. Figure 2 indicates the sorption capacities achieved during the thirty
runs. These tests were conducted at 1100°F. Regeneration was accomplished by using
12 scfh air flow rate through the absorber for approximately two hours. During
regeneration, the bed temperature-increased to 1700°F momentarily in the actual wave
front or zone of reaction. Although this temperature reached 1700°F momentarily,
without apparent harm, it is believed that 1500°F would be the highest temperature
fly ash-iron oxide sorbents should be exposed for optimum life expectancy. Further
life tests are now being conducted where an optimum sorbent is recycled until the
H2S absorption capacity decreases significantly so that better defined limits can be
predicted. Table 2 shows the typical data from six of the thirty sorption capacity
tests using the fly ash-iron oxide sorbent. Note that the H.S absorption efficiency
is given using 400 grains/100 scf as the break through limit. These percentages would
be much higher using 150 grains/100 scf as the stopping point for absorption.

Further testing, using much higher gas flows and increased amounts of sorbent
material was believed necessary to generate data that are required for scale-up
criteria. A 9000 scfh atmospheric producer and hot gas cleanup facility has been
designed, puilt and installed at MERC for this purpose.
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The general overall range of operating conditions include:

Space velocities 500-3500 vol/vol/hr

Coal feed rates 60-200 1b/hr

Pressures 3-15 psig

Temperatures 600°-1500°F

Make gas flows 5000-9000 scfh

Gas analyses CO-H2-CO2-H25-N2-CHy-COS-CS2-C2Hs~02-50-

The overall flowsheet is shown in figure 3. The detailed instrumentation has
been removed to permit better understanding of the process. Also, it is well to
remember that particular designs or instrumentation shown here are only tools needed
to procure design criteria and not necessarily the approach that would be used for
commercial application.

Air and steam are fed into the 16-inch diameter producer through the revolving,
eccentric grate into the combustion zone to gasify the coal. The depth of the coal
bed can be varied depending on operating conditions required. Normally, the bed
depth averages about 32-36 inches. An agitator-stirrer mechanism providing contin-
uous vertical and circular movement permits stirring in various levels of the coal
to minimize agglomeration or break up voids while running on bituminous coal. The
coal is choke-fed downward through the coal feed tube, the length of which estab-
lishes the bed height. From shakedown operations, it has been necessary to revise
the coal feed system. The extremely slow movement of the coal through the coal
feed tube permitted the coal particles to become somewhat plastic or sticky and
adher to tube walls eventually blocking coal feed to the producer. This system is
now being revised by feeding the coal through a pocket feeder and metering screw.
The bed level will be established by the speed of the screw and monitored by nuclear
gauges similar to those on the MERC 42-inch diameter pilot scale producer (11).

The make gas exits from the producer into a standard-design refractory cyclone
to remove the larger dust particles--above 10 micron--and is then piped into either
of the two absorbers, which are loaded with fly ash or silica supported iron oxide
absorbents. For testing at 2500 space velocity using 7500 scfh gas flow, around
225 pounds of sorbent would be used. The absorbent bed temperature is held above
900°F by maintaining the sensible heat of the exit gas through insulation, refractory,
and the circulation of hot gases from a gas-fired POC heater. During regeneration,
which is accomplished with air, the heat from the highly exothermic reaction is
controlled by dilution gases and/or the natural heat-sink effect of the refractory
lined vessel.

The off gases from the absorber are then piped through a back pressure regulator
and a metering orifice to the flare stack.

Three sampling ports are located in the flow system for gas analyses. One gas
sampling point is located immediately downstream from the cyclone, where the raw
producer gas is continuously monitored by a gas chromatograph. Another sampling
point is located downstream from the absorbers in the piping system handling the
make gas. This point continuously monitors the HzS concentration remaining in the
make gas after passing through the iron oxide sorbents. The last gas sampling port
is located in the exit gas piping carrying the S0z enriched stream to the vent stack.
This port continuously monitors the S0, concentration in the off gas during regenera-
tion cycle.

Figure 4 is a cross sectional view showing the interior arrangement of the
producer. The most important parts are the eccentric, cone crusher-type grate, the
16-inch water cooled combustion zone, the agitator-stirrer mechanism, and the coal
feed tube.
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. Figure 5 is a cross sectional view cf the refractory lined absorber which is
12-inches inside diameter. The absorber gas flow is down flow during absorption and
up flow for regeneration. This flow pattern is presently being reversed in an attempt
to prevent build-up of particulates on top of the sorbent bed.

Preheated gas from a gas fired POC heater enters through the bottom of the
absorber and passes through the sorbent bed to provide the heat-up necessary before
the start of an absorption cycle. As shown, thermocouple ports are located 18 inches
apart in order to measure temperatures and thus identify the wave front or zone
reaction as it passes through the sorbent bed.

Preliminary data generated thus far on the bench scale unit fairly well parallels
data taken on the lab scale apparatus. For instance, the data generated while using
the lower temperature extreme of 616°F while using anthracite coal provides almost the
same absorption capacity--6.43 wt.-pct., although the space velocity was increased
from approximately 500 on the lab umit to 2500 vol/vol/hr on the bench scale facility.
Also, a slightly higher bed temperature of 672°F increased the absorption capacity by
18 percent to 7,62 wt.-pct. This shows that increased temperatures give better ab-
sorption results. Previous tests on laboratory apparatus showed the highest absorption
results were obtained around 1500°F, the limit of the fly ash-iron oxide sorbents.
Table 3 shows typical data generated at these lower temperatures on the bench scale
facility. The data indicate also that efficiency decreases as temperature during
absorption is lowered. More data generated on the bench scale facility will be made
available in the immediate future after shakedown operations and equipment design
modifications are completed.

CONCLUSION

The research results thus far indicate that the hot gas cleanup process is an
acceptable alternative for removing H.S from low-Btu fuel gases derived from coal.
The solid absorbents performed well at temperatures between 1000°-1500°F.

Further engineering development is needed on hot particulate removal and it is
being intensely investigated at this time by several firms. Several independent
studies are also being made on various regenerative techniques, using recycled SOz,
for instance, to increase the SO, concentration in the effluent gas stream to permit
more efficient processing to elemental sulfur. Engineering studies concerning the
geometTy of the absorber-reactor are being made with particular emphasis on heat
transfer mechanisms to handle the high temperatures during regeneration. Fluid bed
and moving bed concepts along with the fixed bed are being evaluated and some testing
programs are already underway.
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Physical Strength Surface AreajH,S Sorption Capacity
Sorbent Composition b/em . mé/gm wt.-pct.
55% silica + 45% Fey0y 75 2.5 16.1
55% silica + 45% FeZO3 + 31 4.3 14.5
1% bentonite
55% silica + 45% Fe203 + 68 2.1 22.8
6 ml sodium silicate/1b
75% fly ash + 25% Fey0y 16 0.9 11.5
75% fly ash + 25% Fep03 + 59 1.5 10.5
1% bentonite
75% fly ash + 25% Fep03z + 69 - 10.4
10 ml sodium silicate/lb

TABLE 1 — Data Indicating Effect of Additives On
Sorption Capacity and Physical Strength

n
u
| ]
|
|
N
o
u

wotal das o Space -blorpion 'l‘:tll qnl:::thl
-5: cumi"t ud%.;:?:!‘ . br. wgw![& 'nﬂch?“ Tar Dust

89.62 .27 6.28 501 92.5 a.5 .2
91.83 15.9T | 5.75 563 95.0 3.8 .6
94,14 16.37 5.75 570 93.5 28.2 R}
90.07 16.38 5.50 581 93.1 3.5 .5
91.k0 15.23 6.00 529 ok.2 32.3 .5
109.38 15.09 7.25 549 92.2 3.4 .5

TABLE 2 — Typical Data From Six of Thirty Sorption

Capacity Tests

Average Bed Temp. 616°F 672°F

Time to breakthrough,{hrs 4.66 5.60
Producer gas flow rate, scfh 7500.00 7322.94
Space velocity, vol/vol/hr 2500 2450
Gas to breakthrough, scf 34,975 40,992
Total HpS absorbed, grams 6544.8 7711.2
Weight percent 6.43 7.60
Percent of total 82.61 82.07

(using 100 grains/100 scf

as breakthrough)

920

TABLE 3 — Sorption Data Obtained During Regeneration
Study on Bench Scale Hot Gas Cleanup Facility
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HIGH TEMPERATURE SULFUR REMOVAL SYSTEM DEVELOPMENT
FOR THE WESTINGHOUSE FLUIDIZED BED COAL GASIFICATION PROCESS

D. L. Keairns, R. A. Newby, E. P. 0'Neill, D. H. Archer
Westinghouse Research Laboratories
Pittsburgh, Pennsylvania 15235

ABSTRACT

High temperature sulfur removal can be achieved with calcium
based sorbents (e.g. dolomite) in fluidized bed coal gasification systems
now being developed for power generation. The use of dolomite offers
the opportunity to meet environmental emission standérds, to minimize
energy losses, and to reduce electrical energy costs.

In addition to achieving the removal of sulfur from the low
Btu gas, the complete sulfur removal system must be integrated with the
total power plant and environment to assure compatibility. Critical
requirements to achieve a commercial system include establishing criteria
for "acceptable" sorbents, establishing integrated sulfur removal/
gasification process design parameters, predicting trace element release,
predicting sorbent attrition, developing an economic regeneration and/or
once-through process option, developing a spent sorbent processing system,
and establishing safe and reliable disposition options for spent sorbent.
Design and operating parameters are being developed and potential process

limitations identified.

This work is being performed as part of the Westinghouse Coal Gasification

Program. The project is being carried out by a six-member industry/government

partnership comprising ERDA, Public Service of Indiana, Bechtel, AMAX Coal

Co., Peabody Coal Co. and Westinghouse, This work has been funded with federal
funds from the Energy Research and Development Administration under contract
E(49-18)-1514, The content of this publication does not necessarily reflect

the views or policies of the funding agency.
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INTRODUCTION

The production of a low Btu fuel gas from coal for combined
cycle electric power generation provides the potential for improved
thermal efficiency and reduced power costs compared with conventional
power plants with flue gas desulfurization and can provide acceptable
environmental impact. The ability to produce the low Btu gas at elevated
pressure (e.g. 1500 kPa) with removal of sulfur and particulates from
the high temperature gas (e.g. 800-900°C) will enable the maximum thermal
efficiency to be achieved. Calcium-based sorbents, such as limestone

and dolomite, have been proposed for the high temperature sulfur removal.

Westinghouse has been working on the development of a multi-
stage fluidized bed gasification process for combined cycle power
generation since 1970.(1’2) The goal of the program is the integration
and operation of a gasifier/power-generating plant on a scale
which will demonstrate the commercial operation of the process. An
integrated program is underway to proceed from bench-scale laboratory
research through pilot scale development and system design and evaluation
to the operation of a demonstration plant. The pilot development 1s now

being carried out in a 15 ton/day process development unit.

Westinghouse is investigating gas cleaning systems for high
temperature operation (800-900°C), intermediate temperature operation
(e.g. 650°C), and low temperature operation. Work has been carried out
on both sulfur removal and particulate control systems. This document
is limited to an overview of the high temperature sulfur removal system
development work on calcium-based sorbents. This system was selected
for the base concept based on the potential for high system efficiency
and the high kinetic efficiency of removing hydrogen sulfide under the
proposed operating conditions with an economically available sorbent.
Alternate systems, such as the use of iron oxide or low temperature
processes, have not been excluded as candidates for the demonstration
plant and are also being studied. An intermediate temperature process
is attractive in that it reduces the materials problems while maintaining

a relatively high plant efficiency.
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The approach to the development of the calcium-based sulfur
removal system includes laboratory experimental programs utilizing
pressurized thermogravimetric analysis, pressurized fluidized bed
reactors, and physical and chemical characterization to develop basic
data and to develop screening techniques; data analysis to develop design
criteria; systems analyses to assess the teéhnical,economic, and
environmental impact of alfernate sulfur removal system concepts and

to assess the impact of these alternatives on the total power plant.

SULFUR REMOVAL SYSTEM

The basic gasification process utilizing the high temperature
calcium-based sorbent system is illustrated in Figure 1. The gasifi-
cation process has been described.(l’z) The sulfur removal process
options are indicated in Figure 1: in-bed desulfurization and external
desulfurization. 1In situ desulfurizatiﬁn of the fuel gas within the
recirculating bed devolatilizer combines the sulfur removal and coal
devolatilization in a single vessel. This approach requires compatible
coal and sorbent behavior and the ability to separate sorbent and char.
The external desulfurizer requires a separate vessel and associated
components but provides greater flexibility. Both systems are being
assessed through process simulations, PDU operation, and engineering
analyses.

Two basic sulfur removal systems have been identified and
investigated: once-through sorbent operation and regenerative operation.
The reference onée—through system and regenerative system concepts are
illystrated in Figure 1. An alternate once~through system concept is
also indicated which has been considered. A number of spent sorbent
processing and regeneration processes have been investigated. Similarly,
a number of disposal and utilization options are available. These
process alternatives will be discussed in the following sections. Other
options such as pretreatment of the sorbent to improve its attrition
behavior or sulfur capacity and the addition of "'getters'" to remove

alkali metals to prevent gas turbine corrosion are also being considered.
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SULFUR REMOVAL

Laboratory and engineering studies are being carried out to
evaluate two areas critical to sulfur removal: sulfur removal process
options and sorbent selection. These efforts parallel development work

planned for the process development unit related to these areas.

Process Options

The technical and environmental performance and economic
aspects of sulfur removal process options are being evaluated in order
to provide a basis for selection and to ‘define process development
requirements. Two major options have been identified: once-through
sorbent operation versus regenerative sorbent operation and in situ

(devolatilizer) desulfurization versus external dessulfurization.

Both once-through sorbent and regenerative sorbent
desulfurization behavior are being developed. The PDU is currently
designed for once-through scrbent operation. Trade-offs between once-
through and regenerative sulfur removal exist with factors such as
sorbent consumption, sorbent attrition, trace element release, and

system complexity and operability being important considerations.
Sorbent Selection

Both limestone (CaC03) and dolomite (MgCa(C03)2) can be used
as sulfur sorbents under full gasification conditions at high fuel
temperatures, but laboratory studies show that there are several

factors which restrict their use under specific design conditions,

" and which impact on both the desulfurization process, and the overall

power generation plant.

Limestone reacts with hydrogen sulfide only when it has

(3)

calcined, a kinetic rather than a thermodynamic restriction. For

atmospheric pressure applications, calcined limestone should achieve

90% desulfurization of fuel gases at calcium to sulfur molar feed

(4 Recent fixed-bed tests by the Bureau of Mines

(5)

ratios of ~1.8/1.
confirm this projection, However for desulfurizing low Btu gas
at pressure, calcium carbonate is the stable form of the reacting

(6)

sorbent, and limestone is inactive.
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For dolomite, at Ca/S feed ratios of < 1,2/1.0, projections from
laboratory data show that almost complete reaction of the calcium content
may be attained while fixing 90% of the fuel sulfur in solid form, for
particle sizes up to 2000 microns.(7) For larger particle sizes reaction is
apparently limited by diffusion of reactant into the solid. No significant
variation was noted in testing dolomites ranging from the relatively pure
massive-grained Canazn dolomite (Connecticut), through the sucrose-type
dolomites (Glasshouse, Ohio), to the impure Tymochtee dolomite
(Ohiob.(ZC) Fluidized-bed tests by Conoco Coal Development Co.*
have demonstrated the excellent sulfur capture abilities of dolomite
with simulated fuel gases.(s) The Bureau of Mines tests showed that
half-calcined dolomite demonstrated improved sulfur removal at 1500°F
over that noted at 1400°F.(5) However when they increased the
desulfurizing temperature to 1600°F, they noted a drastic loss of
desulfurizing action as the dolomite decomposed to the fully-calcined
state. While this test has not been simulated in laboratory tests,
precalcined dolomites have shown similar sulfidation reaction rates to
those noted with half-calcined dolomite. Further tests are evidently

required to explore this discrepancy.

The major limitations on using dolomites arise from trace-
element emissions, attrition rates, and sultability for processing by

direct air oxidation for disposal.

One of the major concerns in operating a gas turbine with the
low Btu gas is the extent to which corrosion and erosion will limit the
lifetime of the metal alloys used in the blades and stators.(zc) The
alkali metals, particularly sodium, induce hot corrosion (accelerated
oxidation or sulfidation attack of the metal) by depositing oxygen-
excluding liquid films of sulfates on the metals. Dolomites contain
sodium and potassium as impurities, and they are found both as clay
mineral components, and as more volatile compounds - probably chlorides,
in the carbonate rock. The range of these impurities in dolemites is

enormous, e.g. Na (5-330 ppm), and K(5-6,500 ppm).(zc) Recent studies

Conoco Coal Development Co. and Consolidation Coal Co. are used in this

paper. Consolidation Coal Co. is used when work was performed under that
organizational name.
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of the release of alkalis from dolomites into fuel gas have demon-
strated that significant fr;ations of the alkali can enter the gas
stream, and that this release is essentially complete within a short
fraction of the expected sorbent residence times.(zc) The resulting
alkali level in the turbine feed gas is substantially in excess of
that permitted by current empirical specifications for oil-fired
turbines (-10 ppb Na). There are several approaches which may be taken
to avoid this problem. First of all, a low-alkaldi dolomite may be
chosen as sulfur sorbent. This is likely to be the result of an
unusually fortuitous selection of power plant site. Although the
available analysis of dolomites show significant variations in alkali
content within a particular geological stratum from quarry to quarry
and from stratum to stratum within a quarry, the majority of the
analyses are of sufficient vintage to be suspect. However we have
noted a consistant increase in alkali content with increasing quarry
depth, so that material quarried at a depth of 100 ft may contain

one order of magnitude more alkali than that quarried near the

(&)

surface.

An alternative to selecting a "clean' dolomite, 1s to
pre-heat the material to release the alkalis before using the stone
as a sulfur sorbent. The bulk of the alkalil release occurs within
20 minutes of heating the stone to ~870°C, and after this initial
release the rate of alkali loss is extremely low. The third possi-
bility is to add materials such as aluminosilicates to the sorbent
bed, or at a particulate filtration stage to getter the alkalis.

It should be emphasized that several critical questions cannot be
satisfactorily answered without further research. The extent to

which chlorine from the coal may strip alkalis from dolomite and

coal char must be investigated. In addition the turbine tolerance

to the combined presence of sodium and potassium requires further
experimental and theoretical investigation.(zc) The chemical fate

of minor elements such as the alkalis in coal gasification is not well

known: Recent studies at the Bureau of Mines show considerable
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release of chlorine to the gas phase - presumably as HCl.(zc) However

the mass balance for alkalis in the input and output solids was not
suf ficiently precise to estimate the levels of alkali in the
gas phase.

It should also be noted that the turbine tolerance to alkalis
is theoretically a function of total chlorine (as HCl) levels in the gas
phase. The combination of high chlorine and high alkali levels may avoid
corrosive sulfate deposits. This apparent advantage will be limited by

direct gaseous attack of the protective oxide scales on the turbine alloys.

SORBENT REGENERATION

The consumption of sorbent by the power plant sulfur removal
system may be minimized by utilizing a processing step to reéenerate
the utilized sorbent to an active form. Ideally the sorbent would be
entirely reconstituted by the regeneration process, but in reality
fresh sorbent will be required due to deactivation of the regenerated
sorbent and attrition losses. Regeneration of the sulfided sorbent
requires that the captured sulfur be converted to some other form,
preferably elemental sulfur of commercial quality. The purge stream
of spent sorbent must be processed to some environmentally acceptable
or useful form. This combination of functions, sorbent regeneration-
sulfur recovery-spent sorbent processing, must result in an integrated
process which 1s compatible with the coal gasification process and is

economically and environmentally acceptable.

Regeneration Process Optiomns

A variety of potential regeneration process concepts have
been evaluated for technical feasibility. Two concepts have been
selected for further engineering assessment: (1) Sorbent regeneration
by reaction of sulfided sorbent with steam and carbon dioxide to
generate carbonated sorbent and a hydrogen sulfide gas stream;

(2) sorbent regeneration by reaction of sulfided sorbent with oxygen
to generate the oxide form of the sorbent and a sulfur dioxide gas

stream. The chemical reactions are written, respectively.

CaS + H)0 + CO) =CaC0, + H)S (€8]
and
CaS + 3/2 0,2=Ca0 = SO, 2)

Steam and CO2 Regeneration Scheme

A schematic flow diagram for the sorbent regeneration system
based on the steam and CO2 regeneration reaction is shown in Figure 2.

This process is also being evaluated by Consolidation Coal.(s)
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Three major components are involved in the sorbent regeneration
system: the regenerator reaction vessel, the sulfur recovery process
and the CO2 recovery process. A number of commercial processes are
available for sulfur recovery from HZS gas streams. The specific
process selection will depend largely on two factors - the level of H,S

2

in the regenerator gas and the optimum scheme for steam and CO2 utili-

zation. An HZS volume percent of about 157 will permit the application

of conventional Claus process technology. Lower HZS concentrations

will require either preliminary concentrating of the st—gas, followed

by Claus sulfur recovery, concentrating and recycle of the Claus plant
tail-gas, or application of alternate sulfur recovery processes suitable
for low HZS concentrations such as the Stretford process (Ralph M. Parsons

Co. and Union 0il Co. of Califormnia).

Make-up CO, for the regeneration reaction can be supplied by

power plant stack gai purification. A portion of the sulfur recovery
tail-gas may also require purification in order to maintain low levels
of impurities (NZ’ 02, etc.) in the COZ/steam reactant stream. Numerous
commercial processes are available for CO2 recovery - Selexol, Benfield,
Catacarb, Sulfinol, and many others. The economics and environmental
performance of each of these processes will differ for this application

and require evaluation.

The single most important factor influencing the economics
and performance of this regenerative scheme is the regenerator gas HZS
concentration. The size of the regenerator reaction vessel, the size and
complexity of the sulfur recovery process, and the rate of steam
consumption and auxiliary power usage all increase as the H,S concen-

2

tration is reduced. Estimates of the HZS concentration based on

reaction kinetics and thermodynamics are about 3-5 volume Z%.

Other factors such as regenerated sorbent activity, the
required rate of sorbent circulation, the effect of the regeneration
process on the power plant availability, etc., are also important to

the process feasibility.
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Oxygen Regeneration Scheme

A schematic flow diagram of the sorbent regeneration system
based on the oxygen regeneration reaction is shown in Figure 3. An
atmospheric pressure version of this process has been applied by

Esso (U.K.) for their CAFB gasification process.(lo)

This regeneration process is conceptually simpler than the
steam/CO2 regeneration process since only two major process components
are involved: the regenerator reaction vessel and the sulfur recovery
process. On the other hand, the oxygen regeneration process is
necessarily a higher temperature regeneration scheme with the potential
for greater sorbent deactivation. The regenerator could be operated
at pressures of 200 to 1000 kPa (2 to 10 atmospheres) and temperatures
of 1000 to 1100°C with 502 volume percents of 2 to &4 expected for the
high pressure system and up to 10% for the low pressure system.

Sulfur recovery from dilute 502 streams 1s generally more
expensive and complex than from dilute HZS streams. The most highly
commercialized sulfur recovery process for this application 1is the
Allied Chemical direct reduction process (using methane or clean

liquid fuels as reductant) which will work effectively on SO2 streams

down to about 4 volume % SO
an

2 depending upon the oxygen content of

For lower SO2 concentrations a commercial concentrating

step such as the Wellman-Lord process must be used. Other sulfur

the gas.

recovery processes applicable to 502 streams which are in early stages
of commercialization are the Foster Wheeler RESOX process (which uses

coal as the SO, reductant), the ASARCO-Phelps Dodge process, the

2
Bureau of Mines Citrate process, the Westvaco activated carbon process,

and the Stauffer Aquaclaus process. -

While the low pressure oxygen regeneration results in a

much greater SO, concentration in the regenerator gas, the technological

2
and reliability problems involved in circulating the hot sorbent
between vessels with greatly different operating pressures may not be

easily overcome. Again, as in the steam/CO2 regeneration process,

101



uoloeal uabAxo Aq uojjesauabes juaqaos — ¢ 'bi4

pnpold buyssasoud
jusqJos Juag4os
yuads
WELT{N

wads WeqJos
ll.@ pojeJauaboy
Ay F -

00001T-0001
ed> 000I-00¢
g
Joyesauaboy |g
JuagJos
mzinn
seb-jley §593014
K1an0doye——  Aianoday
any|ns anyng {€0S) se Jojerauaboy
In§ing

p2vL8E9 "3nug




the concentration of the sulfur-bearing species in the regenerator
gas has a dominant influence on the economics and performance of the
regeneration system. Increased operating temperatures will provide
greater 802 concentrations (thermodynamically) but may increase

sorbent deactivation.

The overall economics, technical performance and environ-~
mental impact of these two sorbent regeneration concepts must be
evaluated in order to determine the feasibility of sorbent regeneration,
in order to select the most promising regeneration scheme and in
order to identify the optimum components to be utilized in the
regeneration scheme. The critical interfaces between the coal
gasification system, the power generation system, the spent sorbent
processing system and the sorbent regeneration system are being

considered in the evaluationm.

Regeneration Chemistry

(12)

It was noted by Mellor that the equilibrium

CaS + HZO + COZ:_f:CaCO3 + HZS cannot be used to reform calcium
carbonate, because of the low concentration of hydrogen sulfide
produced. This problem may be overcome by carrying out the reaction
at pressure.(la) However the early work by Pell(la) showed that
calcium sulfide is rapidly deactivated, and TG studies show that only
20% of the calcium sulfide is readily converted to calcium carbonate

(b)

after 10 cycles of sulfidation/regeneration, at 704°C.

An encouraging feature is that the rate of sulfidation
decreases very slowly as the stone is recycled and the regenerated

(6)

sorbent is almost as reactive as fresh stone.

The initial rate of regeneration is very fast and is
apparently limited by production of the equilibrium level of hydrogen
sulfide, since the initial rate increases on dropping the temperature
from 700°C to 650°C. However, when the regeneration has proceeded to

a certain stage (50% after 2 cycles, or 20% after 10 cycles), the rate
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falls off by more than one order of magnitude. At this stage the
rate can be increased by increasing the reaction temperature, so that
at B870°C, all the sulfide is readily regenerated. However, the
equilibrium concentration of HZS becomes so unfavorable that this is

not a technically feasible solution.

The- deactivation of calcium sulfide thus becomes a chemically
limiting step in regeneration. An additional clue to the mechanism of
deactivation is given by the fact that when calcium sulfide is prepared
by reduction of calcium sulfate, at 820 or 850°C, for 2 hours, only

a5 This increased

26% of the calcium sulfide is regenerable.
deactivation may be partly due to the longer residence time at higher
temperatures than is customary in sulfidation reactions, since

sulfidation takes about 15 minutes. Recent studies by Sun(l6)

have
shown that longer exposure at high temperatures (871°C) during
sulfidation, reduces the extent of regeneration, as does increasing the
temperature of sulfidation to 950°C, while lowering the sulfidation
temperature to 750°C increases the extent of regeneration. The
deactivation of the calcium sulfide is always accompanied by some
growth of calcium sulfide particle size, and by extensive growth of
magnesium oxide crystallites in proximity to the calcium sulfide as

determined by X-ray diffraction line-widths.

It can be concluded that a continuous regeneration system
must operate with a low sulfur differential between the calcium
sulfide content of the desulfurizer and regenerator exit streams.

; 17 .
Squlres( ) has demonstrated that the extent of regeneration

improves dramatically with partial pressures of steam of 15 atmospheres,

and that 50% of the calcium sulfide is5 regenerable. While his sulfidation

reaction conditions (700°C) may not have been severe enough to cause
growth of the magnesium oxide around the calcium containing crystallites,
the improved diffusivity of the reactant gases through the solid

caused by ralsing the HZO/CO2 ratio may significantly improve the

extent of regeneration before the reaction rate dwindles. Pell's
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experiments carried out at a 1/1 ratio at 15 atm indicate little if

any improvement over the TG value for extent of regeneration. The
average extent of regeneration for 20 cycles is v13%, so that each mole
of calcium will remove 2.7 moles of sulfur via the regenerator, -and one

mole of sulfur via the spent sorbent stream.

The calcium to sulfur molar make-up feed rate required is
therefore 0.25/1 unless attrition losses are preater than 5% of the
total calcium per cycle, in which case reducing the attrition loss
becomes more important than improving the regenerability of the stone.

Consolidation Coal Co.(s)

have reported attrition loss rates of less
than.1% per cycle; however it is not known if such performance can be

projected to large scale units.

SPENT SORBENT DISPOSITION

The once—thrbugh and regenerative process options will produce
a dry, partially utilized dolomite or limestone with particles up to
6 mm in size. In addition, fine particles of sorbent (with some ash
and char) will be collected in the gas particulate collection systems.
The composition of the sorbent for disposition will depend on the
characteristics of the original stone, the coal feed, the selection
of the sorbent processing system, and the process operating conditions.
The major compounds in the waste stone from the desulfurizer or
regenerator utilizing dolomite are calcium carbonate (CaCOB), magnesium
oxide (MgO), and calcium sulfide (CaS). Trace elements from the

sorbent and coal will also be present.

Direct disposal or utilization of this material is not
considered to be an.option which will be generally available. Thus,
processing of the spent sorbent has been incorporated in the sulfur
removal system. The ultimate selection and development of a spent
sorbent processing scheme will depend on many factors related to
the development of the desulfurization system and the regeneration
system. These factors will determine the nature of the spent sorbent
and the processing required for the spent sorbent processing system.
Among the factors that will affect the disposition of the sorbent are
the quantity of spent sorbent, its chemical characteristics,
regulations, geographical location, and the market size in the case of

utilization.

Processing

A variety of spent sorbent processing schemes have been
identified which could potentially convert the spent sorbent produced

in a once-through or regenerative operation into a material suitable
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(4,19)

for direct disposal or utilization. Processing alternatives have

been developed to convert calcium-based sorbents containing calcium

sulfide to environmentally acceptable forms for disposal or utilization.

Work by Westinghouse on the CAFB fluidized bed gasification/
desulfurization process, under contract to EPA, has identified spent

(4)

sorbent processing options. Experimental programs are now being
carried out as an extenslon of this work to permit technical and
economic assessments of these processes. These tests will provide
information directly applicable to the subject coal gasification/
desulfurization process. Spent sorbent processing systems being
considered include dry oxidation, oxidation plus carbonation,
deadburning, slurry carbonation, dry sulfation, high temperature

processing with coal ash, and low temperature processing with coal ash.

A dry oxidation process which converts the spent sorbent
(calcium sulfide) from a once-through or regenerative operation into a
calcium sulfate material has been selected as the base spent sorbent
processing scheme. Experimental studies and process studles for the
dry oxidation process are being performed as part of the current

program.

Thermogravimetric studies of the direct oxidation of calcium
sulfide to calcium sulfate have revealed some important features of

the reaction which must be considered in process evaluation.

First, in most dolomitic stones, complete oxidation of the

sulfided stone occurs rapidly in air at 800°C, while sulfided limestones

containing more than 30 molar 7% CaS and the sulfides of large-grained

dolomites are oxidized incompletely,

Secondly, the reaction is extremely exothermic,
AH298= -912 kJ mole_l, and if the temperature of the reacting solid

1s permitted to rise to higher temperatures, sulfur dioxide will be
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emitted by one of two mechanisms. 1In the first mechanism direct
oxidation to the oxide may occur: CaS + 3/2 Of—PCaO + 502. However
if low partial pressures of oxygen are developed in the system as a
result of the primary reaction, then calcium sulfide and calcium sulfate
interact to reject sulfur dioxide according to the reaction

3 CaSO4 + CaS—e4 Ca0 + 4 502.
By carrying out the oxidation reaction in a fluidized bed reactor at
800°C in excess air, both of these competing reactions may be avoided.
In thermogravimetric tests at 800°C, sulfur dioxide transients in the
exit gas stream were accompanied by temperature excesses. Typically
32 moles of cold air per mole of calcium are required for heat
balance in a system operating at a 2/1 calcium to sulfur mole ratio
in the desulfurizer., Because of the large excess of air entering the
system, >3X stoichiometric, the particles should oxidize at much the
same rate as they do in the TG apparatus; stone residence times greater

than 30 minutes are projected to ensure that oxidation is almost

complete (>90%).

The third feature of this reaction is that regenerated
stone which has experienced multiple sulfidation/regeneration cycles
is not completely oxidizable. A function of the calcium sulfide
which is inert in the regeneration reaction is also inert in the

oxidation reaction.

Based on the information available, the dry oxidation
process is considered attractive for once-through operation with
most dolomites. This process does not appear as attractive for
once-through operation with limestones or for regenerative operation.
The primary concern is the environmental impact from sorbent disposal.
Further work is required to permit a comprehensive assessment of
dry oxidation. Work is proceeding to investigate other processing

options.
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Disposal

The environmental impact of any disposed material is a
function of its physical and chemical properties and the quantity
involved. Two disposal alternatives will be investigated: 1land and
ocean dumping. Environmental impact tests are plamnned to study the
direct disposal of material from the spent sorbent processing system.
These tests will be carried out using material produced in laboratory
units to investigate the affect of operating conditions and in the
process development unit to determiue the environmental impact from

material produced in the integrated process.

Westinghouse has carried out environmental impact tests on
related materials as part of the CAFB fluidized bed gasification and
the fluidized bed combustion programs being carried out under
contract to EPA.(4’18;19’20) Leaching and activity tests have been
developed at Westinghouse to assess the potential water contamination
and heat release from disposing a spent bed limestone directly ffom a
gasification process and from the spent limestone after further
processing. These studies indicate the leachability and activity
can be significantly reduced by further processing. Spent dolomite
from fluidizéd bed combustion processes has also been tested(ls)
which indicates that if the calcium sulfide in the dolomite can be
converted to calcium sulfate through the dry oxidation process, the
material will be environmentally acceptable.

Utilization\

The direct disposal of sorbent may not be possible or
permitted in all cases. Utilization of spent sorbent is an alternative
which has the potential to provide technically and economically
attractive by-product. Potential applications of processed or
unprocessed spent sorbent include soil stabilization, land fill,
concrete, refractory brick, gypsum, municipal waste treatment.

Preliminary work has been carried out in this area.(4’20’21)
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ASSESSMENT

High temperature sulfur removal with a fluidized bed coal
gasification system appears attractive based on available information.
A number of processing options are being developed which consider
integration of the sulfur removal system with a low Btu gasification -
combined cycle power plant and consider the total sulfur removal system
from sorbent selection to sorbent disposition, Assessment of the sulfur

removal system includes:

Sulfur Removal: Dolomites are the preferred sorbent for the
Westinghouse coal gasification process. Sulfur removal efficiencies
of 90% are projected with mean particle sizes between 1000 and 2000 u
and a calcium to sulfur molar ratio of 1.2/1.0 for a once-through systen.
Combined devolatilization/desulfurization is considered attractive but
compatibility must be demonstrated, The external desulfurizer option
offers an alternative with greater flexibility. There appear to be

ample supplies of dolomite available,

Sorbent Regeneration: Two regeneration concepts have been

selected for further study. Regeneration by carbon dioxide and st%gm
is technically feasible and is the preferred option. Calcium to sulfur
molar feed make-up is projected to be 0.25/1 based on attrition losses
< 5% of the sorbent per cycle. Commercial technology is available for
sulfur recovery from dilute HZS or 502 gas streams and for CO2 recovery.
Advanced systems, which may reduce costs, are not being incorporated

into the current development effort.

Spent Sorbent Disposition: In general, spent sorbent processing

will be required for once-through or regenerative operation due to the
calcium sulfide present in the sorbent. Alternate processing schemes

are under investigation to permit disposal or utilization of the material.
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A dry oxidation process is attractive for once-through operation with

most dolomites, Preliminary oxidation tests and environmental impact

tests indicate this processing option will be economic and environmentally
acceptable., Preliminary tests on related materials indicates utilization

of the spent sorbent may be practical.

Sorbent Selection: General factors to be considered in the
selection of a sorbent are the desulfurization perfotmange, the sorbent
regenerability, the spent sorbent properties, sorbent attrition behavior
and trace metals release behavior. Sodium, potassium, and chlorine
release is of particular importance to control gas turbine corrosion.
Trace metals release to the fuel gas may be controlled by selecting a
"pure" sorbent, pretreating the sorbent or utilizing a getter in the
fuel gas cleaning system. Avallable data indicate the trace elements
can be controlled to meet turbine protection requirements. Further

work is required to specify the preferred method of operation.

A once-through sulfur removal system utilizing dolomite with
a dry oxidation spent sorbent processing system has been selected for
the reference design. Further development evaluation of the technical
performance, economics, and environmental impact of the alternative
sulfur removal systems under consideration must be carried out to select
the most promising system. The integration of the alternative processing
schemes into an optimum high temperature sulfur removal system which 1is

compatible with the coal gasification power plant is the object of the
development effort,

110




REFERENCES

Archer, D. K., E. J. vidt, D. L. Keairns, J. P. Morris, J. L. P Chan,
"Coal Gasification for Clean Power Generation," Proceedings Third
International Conference on Fluidized Bed Combustion, November 1972
(NTIS Number PB-231 977).
"Advanced Coallcasification System for Electric Power Generation,"
Westinghouse Electric Corp., Contract reports to ERDA/FE:

a) Interim Report No. 1, NTIS No. PB~236 971;

b) 1Interim Report No. 2, NTIS No. FE-1514-T-4;

¢) Interim Report No. 3
O'Neill, E. P., D. L. Keairns, and W. F. Kittle, "Kinetic Studies
Related to the Use of Limestone and Dolomite as Sulfur Removal
Agents on Fuel Processing," Proceedings Third International
Conference on Fluidized Bed Combustion, November 1972,
NTIS No. PB-231 977
Keairns, D. L., R. A. Newby, E. J. vidt, E. P. 0'Neill,
C. H. Peterson, C. C. Sun, C. D. Buscaglia, and D. H. Archer,
"Fluidized Bed Combustion Process Evaluation - Residual 0il
Gasification/Desulfurization Demonstration at Atmospheric
Pressure,”" two volume contract report to EPA, March 1975,
EPA report number EPA-650/2-75-027 a and b, NTIS No. PB-241 834
and PB-241 835.
Abel, W. T., and E. P. Fisher, "Limestone to Reduce Hydrogen Sulfide
from Hot Produced Gas." U.§:E.R.D.A., MERC/RI-75/3, January 1976,
Keairns, D. L., E. P. 0'Neill and D. H. Archer, "Sulfur Emission
Control with Limestone and Dolomite in Advanced Fossil Fuel
Processing," Symposium Proceedings - Environmental Aspects of
Fuel Conversion Technology, EPA-650/2-74-118, October 1974.
0'Neill, E. P. and D. L. Keairns, "Selection of Calcium~Based
Sorbents for High-Temperature Fossil Fuel Desulfurization,"”
Paper presented at the 80th National A.I. Ch. E. Meeting,
Boston, September 1975, to be published in AIChE Symposium

Series Volume.

111




10.

11.

12.

13.

14.

15.

16.
17.

REFERENCES (continued)

Carran, G. P., J. T. Clancey, B. Pasck, M. Pell, G. D. Rutledge
and E. Gorin, "Production of Clean Fuel Gas from Bituminous
Coal," Consolidation Coal Co. report to EPA, EPA-650/2-73-049,
December 1973.

Data Supplied by the Indiana Geological Survey.

Esso Research Centre, England, "Chemically Active Fluid-Bed
Process for Sulfur Removal During Gasification of Heavy Fuel
011," EPA-650/2-74-109, November 1974,

Hunter, W. D., Fedoruk, J. C., Michener, A. W., Harris, J. E.,
"The Allied Chemical Sulfur Dioxide Reduction Process for
Metallurgical Emissions,” in Sulfur Removal and Recovery

from Industrial Processes, J. B. Pfeiffer, ed., American
Chemical Society, Washington, D. C., 1975.

Mellor, J. W., "A Comprehensive Treatise on Inorganic and
Theoretical Chemistry," Vol. III, Longmans, London, 1923.
Squires, A. M., "Cyclic Use of Calcined Dolomite to Desulfurize
Fuels Undergoing Gasification," in "Fuel Gasification" Advances
in Chemistry Series N069, American Chemical Society,
Washington, D. C., 1967.

Pell, M., Ph. D. Thesis, Chemical Engineering Department,

The City University of New York, 1971.

Keairns, D. L., D. H. Archer, R. A. Newby, E. P. O'Neill,

E. J. vidt, Evaluation of thg Fluidized Bed Combustion Process,
Vol. I. Environmental Protection Agency, Westinghouse Research
Laboratories., Pittsburgh, Pa., EPA-650/2-73-048 a. NTIS PB-231 162/9.
December 1973.

Sun, C. C., Unpublished work, Westinghouse, 1976.

Squires, A. M., "Programs for Gasification of Coal in High
Velocity Fluidized Beds and Hot Gas Cleaning,” paper presented
at Symposium "Clean Fuels from Coal", Institute of Gas Technology,
Chicago, Illinois, June 1975.

112
s




18.

19.

20.

21.

REFERENCES (continued)

Sun, C. C. and D. L. Keairns, "Environmental Impact of Solid
Waste Disposal from the Fluidized Bed Coal Combustion Process,"
paper presented at the San Francisco ACS Meeting, August 29 -
September 3, 1976.

Keairns, D. L., C. H. Peterson, and C. C. Sun, "Disposition of
Spent Calcium-Based Sorbents Used for Sulfur Removal in Fossil
Fuel Gasification," paper for presentation at the Annual AiChE
Meeting, Chicago, Illinois, November 1976.

Keairns, D. L., D. H. Archer, J. R. Hamm, S. A. Jansson,

B. W. Lancaster, E. P. 0'Neill, C. H., Peterson, C. C. Sun,

E. F. Sverdrup, E. J. Vidt, and W. C. Yang, "Fluidized Bed
Combustion Process Evaluation - Pressurized Fluidized Bed
Combustion Development,” contract report to EPA, September 1975;
EPA report No. EPA-650/2-75-027c, NTIS No. PB-=246 1l6.
Peterson, C. H., M. Gunnasekaran, and S. M. Ho, "Utilization
of Spent Limestone from a Fluidized Bed 0il Gasification/
Desulfurization Process on Concrete,"” Proceedings Fifth
Mineral Waste Utilization Symposium, Chicago, Illinois,

April 1976.

113



REACTION OF H,S WITH HALF-CALCINED DOLOMITE IN A REGENERABLE PROCESS
G. P. Curran, B. Pasek, M. Pell, and E. Gorin

Research Division
Conoco Coal Development Company
Library, Pennsylvania 15129

Introduction

The Conoco hot desulfurization process makes use of the reaction of half-
calcined dolomite with H,S,

CaCO5 "MgO + H,S = CaS-MgO + €O, + H,0 (1)

to remove H,S from a fuel gas and also to regenerate sorbent dolomite. The Conoco
gasification process yields & gas fairly high in H,0, about 13%. This necessitates
a high desulfurization temperature if a goal of 93% desulfurization is to be met.
The conditions called for in the current design are as follows:

Desulfurization: 914°C; 13% H,0, 8% CO, inlet; 0.02% H,S exit
Regeneration: 704°C; 35% H,0, 64% CO, inlet; 3.6% H,5 exit

The entire process runs at 15 atmospheres. Desulfurization operates at the equili-
brium H,S concentration, and regeneration is assumed to operate at about 90% approach
to equiltibrium. The above conditions provided the base case point about which
experimental work was conducted. However, equipment limitations required the
desulfurization temperature to be reduced to 871°C for most of our work.

Continuous Cycling Runs

Experiments were carried out in a three-inch diameter gas desulfurizer and a
two-inch diameter regenerator. Both vessels contained fluidized beds and were con—~
tinuously fed with both gas and solids. Details of the experimental technique have
been given elgewhere. 1,2) Dpolomite was cycled through the vessels for numerous
cycles so that the nature of the decline in activity could be studied. Detailed
data on the conditions of these cyclic runs are presented in Tables 1 and 2.

It was found that the desulfurization reaction proceeded rapidly, and that a low
concentration of H,5 was maintained until the supply of CaCO; was essentially
exhausted. However, the regeneration reaction was incomplete, typically yilelding
but a fraction of the original CaCO; in an hour's residence time.

The regeneration activity, defined as mols CaCOy produced/lOO mols CaS fed,
declined as the stone was cycled. The activity decline is pictured in Figure 1. It
can be seen that the decline i1s logarithmic in character. Thus, although a severe
decline occurs in cycles 1 to 10, the stone contains modest residual activity even
out to 100 cycles. This mears that a regenerable process is Teasible. The data
presented in Figure 1 are for Canaan dolomite, our base case stone. Similar data were
obtained for other dolomites.

Figure 2 presents deactivation data for three regeneration temperatures. The
data lines are roughly parallel, but this is believed to be fortuitous and unlikely
to hold for all conditions. The data indicate that at 593°C, the fractional
regeneration is quite low, amounting to less than 10% within only 7 cycles. Only
at low regeneration temperatures is the equilibrium H,S concentration high enough
for processing by a conventional Claus process. The Conoco process, however, uses
a liquid-phase Claus reaction which is uniquely suited to handling low H,S con-
centrations. Out interest therefore centered around the 704°C temperature where
stone utilization is higher.
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Batch Regeneration

As a limiting step appeared to be regeneration, a batch regeneration program
was set up to further explore the variables affecting the system. Results of these
runs are given in Table 3. A statistical analysis of the data showed percent
regeneration to increase with increasing temperature and decreasing age of stone.
The effect of increasing temperature causing an increase in conversion was more
pronounced for cycled stone than for fresh stone.

The effect of bed depth was unusual. It was expected that since the deeper bed
ran at an H,S outlet concentration closer to equilibrium, there would be less driving
force for reaction and the regemeration conversion would be lower. In all six test
pairs exactly the opposite was found. The runs with the deeper beds, i.e., higher
H,S outlet Cconcentration, gave higher conversions. This is consistent with earlier
conclusions that increasing the H,S concentration does not adversely affect con—
version in the regenerator.

In the course of running cyclic operations, the H,S concentration in the outlet
gas of the regenerator ranged from about 10% to 100% of the equilibrium value, and
there was no detectable change in the rate of regeneration as the H,8 content
approached equilibrium. It had been concluded that there would be no difficulty in
running the regenerator close to the equilibrium H,S concentration in the outlet gas.

Regeneration Kinetics

Regeneration kinetics were examined by recording the H,S concentration in the
exit gas as a function of time as the batch runs progressed. The total mols of H,S
produced were normalized to match the total mols of CaS reacted, and conversion as
a function of time was then plotted. These results are presented in Figures 3 to §
in the form of (1 - X) versus time, where X is the fractional conversion of the CaS
feed.

In all cases, the rate continuously decreased. It appeared that the reaction
would eventually cease while there was still considerable CaS left. This is con-
sistent with the notion that much of the CaS is simply unreactive. The initial
reaction rate was faster for fresh stone than for cycled stone at all temperature
levels. Additionally, the rate seemed to slow sooner for the cycled stone. The
curves also show that the effect of bed depth is present even at the early stages
of all reactions; the deeper beds had a higher reaction rate at all times.

While the reaction kinetics are complicated, they may be approximated by a
simple first order rate constant for the short times (about an hour) of interest to
the process. The reaction model would then be;

Kt = -1n (1 - X)
where K = rate constant, hr~!, whose function of gas concentration
is yet to be determined.

time, hours

fractional conversion of the CaS fed.

t
and X

n

The valuc of K was taken from the slope of the data from 5 to 50 minutes in
Figures 3 to 5, and is tabulated in Table 4. The data of Table 4 are plotted in
Figure 6. The activation energies for cycled and fresh stone are shown to be the
samc, about 19 kilocalories.

The kinetic mechanism proposed here allows one to calculate the effect of
changing conditions of temperature or residence time upon fractional conversion of

CaS (percent regencration).
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'TABLE 4

Initial Rate Constants for Regeneration Kinetics

System Pressure: 15 atm

Feed: 35% H,0, 60% CO,, 5% H,

hr™?

Temperature, k.
°c (°F) Cycled
649 (1200) .063
704 (1300) .098
760 (1400) .170
124

Fresh
.247
.468
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Cycling with Varying Residence Tinmes

Four batch cycling runs were made employing the possible combinations of 20
or 60 minutes residence time for sulfur absorption and regeneration. Results are
presented in Figure 7. Tymochtee 11 dolomite was the feedstock, and each run
lasted for 11 cycles.

The effect of reducing residence time in the gas desulfurizer was striking.
At 10 cycles, going from 60 to 20 minutes in the gas desulfurizer increased
regeneration activity from 15 to 40% at 60 minutes regenerator time and from 15 to
23% at 20 minutes regenerator time. Conversely, going from 60 to 20 minutes
regenerator time had no effect at the 60 minute desulfurizer level. Another
effect observed was that attrition rates were highest at the short gas desulfurizer
residence time, 2.3% average for 20 minutes versus 0.8% for 60 minutes.

It is believed that deactivation of stone takes place primarily in the gas
desulfurizer due to crystal growth and particle sintering. This would explain the
dramatic effect of time on activity. The results of the above runs are highly
significant since they indicate the potential for greatly increasing the stone's
capacity for sulfur absorption.

Scanning Electron Microscope Data

Selected samples of cycled stone were examined under an electron microscope
equipped for energy dispersive X-ray analysis. It was found that cycled stone con~
tained very large grains of CaS. The CaCO, which was present tended to be concen-
trated in smaller sizes. Both of the calcium species were larger than the MgO
crystals or grains. It is believed that the larger CaS grains are unreactive in
the regeneration step of the process.

Model for the Deactivation Process

The regeneration reaction suffers from deactivation of the CaS even from cycle
1. The model postulated below fits the behavior of the system so far. The part
dealing with regenerator variables was developed jointly with A. M. Squires of The
City College Clean Fuels Institute.

Deactivation of the dolomite occurs mainly in the gas desulfurizer due to the
elevated temperature. Two mechanisms are operating. Crystal growth of CaCO; and
CaS segregates the calcium crystals from the MgO and produces a material tending
toward a limestone rather than a dolomite. Simple sintering and densification
take place as well, and this both hardens the stone and tends to reduce porosity.

In the regenerator, densification does not occur, However, the reaction starts
rapidly and then tails off to an insignificant rate. Using the same feed, it can be
shown that the conversion at which reaction essentially ceases is a strong function
of temperature, the lower temperature producing the lower conversion. It has
further been observed that introducing product H,S does not retard the rate of
reaction, but conversely increases the ultimate level of conversion attainable.

The phenomenon of the products of reaction incrcasing ihe conversion of
calcium in the sulfur-calcium system is not new. Pell.®. found that H,0 increased
the conversion of Ca0 to CaS in the reaction of H,S with calcined dolomite, and
Ruth(* showed that either CO, or H,0 could increasec the conversion of CaC0, to CaS
in the reaction of H,S8 with half-calcined dolomite. Furthermore, both studies
demonstrated the effect of the reaction flagging at lower and lower conversion

levels as the reaction temperature decreased. Ruth{®, proposed the following mech-
anism after examination of electron microscope results on various samples., "High
levels of CO, . . . . may promote the formation of large nu-wbers of fine
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crystallites of CaS that do not protect the underlying CaCO; . . . . On the other
hand, at low levels of CO, a smaller numbexr of large CaS crystals formed and grow
togethier to close off the surface, thereby protecting the remaining CaCO,; from
further reaction.”

Ruth's careful analysis of his data showed that in the presence of reaction
products, the reaction was indeed slower initially. However, within a short time
the conversion associated with the product-rich environment soon surpassed that in
the product~poor environment.

It is postulated that a similar model fits the regeneration reaction. At low
levels of H,S, the CaCO,; formed grows in large crystals shutting off the interior
of the grain from further reaction. At high levels of H,S, the reaction nucleates
at many sites to produce many small crystals which leave the interior of the grain
open to further reaction. Via such a mechanism, the presence of H,S would enhance
conversion in the regenerator. This is in full concordance with our experimental

results.
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High Pressure TGA Studies on the Cyclic Use of Half-Calcined
Dolomite to Remove Hydrogen Sulfide

George L. Kan, Arthur M. Squires, Robert A. Graff

The Clean Fuels Institute

. Department of Chemical Engineering
The city College of New York
New York, N.Y. 10031

Candidate solids for absorption of hydrogen sulfide from a fuel
gas at elevated pressure are the composite of iron oxide and fly ash
developed by the U.S. Bureau of Mines (1), fully-calcined dolomite
(2-4), and half-calcined dolomite (2,5).

Half-calcined dolomite absorbs hydrogen sulfide by the reaction:

[CaCO3+MgO] + H,S = [cas+Mgo] + H,0 + Co,
For a given fuel gas at a given pressure,. desulfurization by this
reaction is best accomplished at a temperature just a bit below the
temperature at which calcium carbonate would decompose at the par-
tial pressure of carbon dioxide prevailing in the fuel gas.

Regeneration of the solid absorbent is by the reverse reaction,
preferably conducted at the lowest possible temperature in order to
obtain the highest possible concentration of hydrogen sulfide in the
offgas, facilitating conversion of this species to elemental sulfur
in a subsequent operation.

° Absorption and regeneration cycles at atmospheric pressure and
7507C give the results seen in Figure 1. Although the absorption
reaction is rapid, the regeneration reaction is slow, requiring more
than 1 hour. There is a decline in capacity of the solid to about
23% of the total calcium after 6 cycles.

Cycling trials at elevated pressure have been carried out with a
duPont thermogravimetric analyzer modified for operation at total
pressures up to 30 atmospheres, with high partial pressures of steam,
and with corrosive gases such as hydrogen sulfide. This equipment is
described in reference 6.

In contrast to the results at one atmosphere, cycling at elevated
pressure gives little change in capacity or reactivity beyond the
first several cycles. Figure 2 gives results from 15 cycles carried
out at 300 psig and 731°C. Absorption for 15 minutes was alternated
with regeneration for 10 minutes. .The capacity settles out at 40%.
Figure 3 shows the course of the reactions in the first, 7th, and 15th
cycles, and illustrates our finding that the reaction rates do not
change much with cycling; only capacity changes. The regeneration
reaction at 300 psig is extremely fast, running most of its course in
the order of one minute.

Figure 4 shows 30 cycles with absorption for 19 minutes and re-
generation for 5 minutes at 550 C. The 19 minutes absorption time
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includes 13 minutes at 700°C and 6 minutes cooling time.

Figure 5 shows sulfur capacity versus cycle number for three
runs, and illustrates the decline in capacity with decline in
regeneration temperature.

Figure 6 illustrates the course of reactions in the last
cycle of each of the three cycles plotted in Figure 5. It is
fascinating that the observed reaction rates do not seem much
to depend upon temperature. This suggests that the true rates
are extremely fast, and that the observed rates are controlled
by diffusion.

In the series of runs depicted in Figure 7, we varied the
ratio of steam to carbon dioxide in the regeneration step to see
if this is an important factor in the final capacity of the solid.
It appears from Figure 7 that the capacity suffers at a low ratio
of steam to carbon dioxide, such as 25/75. Above about 50/50, the
ratio does not seem to have much effect. It may be noted that we
have succeeded in a run of 15 cycles with a steam partial pressure
in the vicinity of 19 atmospheres.

The effect of temperature in absorption and regeneration is
shown in Figures 8 and 9. In both figures the duration of the
absorption and regeneration steps are 21 and 4 minutes respectively,
the time required for heating and cooling being included in the
absorption time. Increasing absorption temperatures reduces
capacity. The data in Figure 8 show a "deactivation energy" of
22 kcal/gmole. Capacity increases with regeneration temperature,
but the temperature effect is not as strong as in absorption.

From the data of Figure 9, the "activation" energy is 9 kcal/gmole.

Figure 10 shows the last cycle reaction rates for the four
runs plotted in Figure 8. Figure 1l shows the capacity versus
cycle number for the same runs.

The effect of steam and CO_ level on regeneration rate was
explored in the presence of par%ial pressures of H _ S. Figures 12
and 13 show five regeneration steps for the same stone in which
only the regeneration atmosphere was changed from one cycle to
the next. The sample reactivity was first stabilized by conducting
6 cycles in the same regeneration atmosphere (50% H20, 40% C02,
10% H_). 1In all cases the a sorption conditions wefe unchangéd.
Lower initial rates result from the presence of H_,S as well as
decreased H,0 and CO_ partial pressures. With high CO_ pressures
(Figure 12), increasing the steam partial pressure incfreases the
initial rate and the capacity. The effect is much more dramatic

at low CO2 pressures {(Figure 13).
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The complexities of the kinetic situation illustrated in
Figures 12 and 13 are reminiscent of the "kinetic curiosities"
reported eariler for the absorption reaction (5), and like them,
the new complexities appear to reflect differences in the way in
which crystallites of CaCO, or CaS grow within the solid micro-
structure, Examinations of microstructural properties of solids
arising in this research will be reported elsewhere (7).
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